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Abstract 


Using a differential bed recycle reactor the oxidation 

of ethane {200-320°C) and diethyl ketone '^»(110*-190‘*C) by a Pd 

catalyst has been studied at the 0-30 ppm level in air. 

In both cases first order kinetics were observed. The 

ethane oxidation rate was characterized in the Arrhenius 

0 

form by a pre-exponential of 1.0 x 10 cm/sec and an E_ of 

a 

27 kcal/mole. The diethyl ketone oxidation rate was 

3 

characterized by a pre-exponential of 5.7 x 10 cm/sec and 
and of 14 kcal/mole. 

Poisoning of ethane oxidation was also investigated 
(250-310*0 r by hydrogeii sulfide and to a smaller extent by 
the refrigerants Freon 22 and Gentron 142-B at 247®C. 
Poisoning by Gentron 142-B was much more severe than by 
hydrogen sulfide. Kinetic experiments indicated that only 
the pre-exponential was changing. Low pressure CO 
adsorption measurements after each of the hydrogen sulfide 
poisoning experiments showed that the pre-exponential was 
dependent upon the clean Pd surface area. 
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Introduction 


Adsorption and catalytic oxidation have been widely 
used to reduce impurities in gas streams. 

These methods have been applied to effect the removal 
of a wide range of atmospheric trace contaminants present 
in the closed environments of submarines and space 
capsules. In space capsules, sorption and oxidation beds 
are arranged so that those molecules which do not adsorb 
pass through to the catalyst bed and the oxidation 
products are later adsorbed. 

It is possible that this method of adsorption and 
oxidation can be exploited employing only one bed, a large 
bed of catalyst whose support acts as a sorption bed. 

This design requires an adsorptive support with a 
distribution of active metal in the bed or in each pellet 
such that catalytic poisons are adsorbed before they can 
cause serious deactivation of the bed. 

One type of catalyst that is widely used for 
catalytic oxidation consists of a noble metal (s) supported 
on porous y alumina pellets. This catalyst is very 
attractive because of (1) high activity, (2) stability, 

(3) ability to oxidize a wide range of contaminants, 

(4) the profile of the active metal can be adjusted during 
impregnation to minimize poisoning and mass transfer 
limitations, and (5) high adsorptivity , both for 
hydrocarbons and oxidation products as well as catalytic 
poisons. The catalyst investigated in this work was Pd on 


Y aliamina pellets and was prepared by Universal oil 
Products Research Laboratory. 

A knowledge of the kinetics governing the oxidation 
of individual contaminates as well as any kinetic inter- 
actions present during the simultaneous oxidation of a wide 
variety of compounds is needed for the design of a catalytic 
oxidizer. Evaluation of a suitable catalyst requires an 
investigation of its adsorptivity and the effect of the 
catalyst impregnation profile on activity and poisoning. 

The oxidation rates of small molecular weight hydro- 
carbons/ which are common trace contaminants/ offer a 
convenient measure of catalyst oxidation activity and 
poisoning/ since stable high oxidation rates can be achieved 
with these compounds. Much of the published data concerning 
the poisoning of hydrocarbon oxidation has been generated 
from integral catalyst beds. There are si;±)stantial 
difficulties and approximations in calculating intrinsic 
reaction rates from such data (1) . Often little attention 
has been focused on the impregnation profile of the active 
metal or the surface area of the catalyst. It has been 
the approach of this work to measure the intrinsic 
oxidation kinetics of a simple hydrocarbon, ethane, and 
the effect of typical poisons on it using a catalyst whose 
surface area and impregnation profile are known. In a 
previous work in this laboratory by D.T. Rabb (2) an integral 
bed reactor was used to investigate the poisoning of a 
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commercial Pd on y -^^2^3 hydrogen sulfide 

and ethyl mercaptan. Rabb also studied the adsorption 
and catalytic oxidation of ethane and diethyl ketone. In 
this work, as in Rabbs work, the rate of ethane oxidation 
was chosen as a measure of catalyst oxidation activity and 
poisoning. Catalyst poisoning in this work was investigated 
chiefly with hydrogen sulfide which was chosen as a repre- 
sentative sulfur containing air contaminant. The refrigerants 
Preon 22 and Gentron 142-B were selected as representive 
halocarbon air contaminants and catalyst poisoning by these 
compounds was investigated to a much lesser extent. In 
addition the oxidation kinetics of diethyl ketone, which was 
selected as a typical partially oxidized air contaminant, 
were investigated for comparison to ethane oxidation kinetics. 

The experiments were performed with a differential bed 
recycle reactor equipped to carry out in situ surface area 
measurements. High gas recirculation ratios and a very 
shallow catalyst bed were used to attain continous flow 
stirred' tank reactor, CFSTR, performance and eliminate 
concentration gradients in the catalyst bed. 

Background 

The most widely studied hydrocarbon for complete 
oxidation is methane, the reason being that it is the most 
difficult simple hydrocarbon to adsorb or oxidize . In 
one investigation (3) , 26 catalysts were evaluated for 


their effectiveness in oxidizing methane, palladium and 
platinum were found to be the most active. The scope of 
the literature on noble metal oxidation of methane 
includes kinetic data on low (4) and high (5) 
concentrations as well as poisoning by sulfur (6) and 
halogen (7) compounds. 

To date many experimental approaches have been used 
to study systematically the kinetics and poisoning of one 
reaction, usually methane oxidation, over a variety of 
catalysts. Albeit there has been little published work 
done to elucidate a general reactivity pattern for 
hydrocarbon oxidation at low concentrations. Wise (8) 
systematically studied the oxidation of a wide variety of 
hydrocarbons over Pt and Pd at - 2 vol. % hydrocarbon and 
20-40 vol. % oxygen at a total pressure of one atmosphere. 
The general empirical picture that emerges for the 
compounds studied is that the apparent activation energy, 

E , is controlled by the struture of the hydrocarbon 

s. 

such that for paraffins the E depends only on the most 

Si 

highly branched part of the molecule. The E_ decreases 

a 

in order: primary > secondary > tertiary carbon. There 

is also an increase in the preexponential with increasing 
chain length. Oxygenated functional groups (-0H, C-0) 
tend to mask the carbon structure effect on the E_ and 

a 

result in reaction rates much larger than their paraffinic 


analogues*. Oxidation of all hydrocarbons using Pd 
exhibited first order kinetics. 


*It should be mentioned that Wise didn't report the 
kinetics of methane oxidation and that the literature value 
of ~20 kcal/mole (3-5) doesn’t fit into his pattern of 

cL 

although the reactivity pattern remains the same due to a 
low preexponential. 
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Apparatus and Procedure 

The equipment used for this work is represented in fig. 

1. All catalytic measurements were made using a differential 
bed recycle reactor (fig. 2) . 

A constant volumetric feed rate to the reactor was 
established by throttling the gas flow from high pressure gas 
cylinders equipped with pressure regulators. Flows were 
metered through capillaries fitted with manometers. The 
pressure drops across the capillaries were linear with 
volumetric flowrate as predicted for laminar flow (9) . The 
flowrate of each gas used was calibrated for pressure drop 
across a given capillary since the Hagen-Poiseuille equation 

(9) for laminar flow did not always? give the correct 

magnitude for the measured flow rate. The manometer fluid 

was a silicon base oil/ Dow Corning 704/ which had been 

distilled in a diffusion pump before use. The residual vapor 

— 8 

pressure of the oil at 25“ C is reported to be 2x10 Torr 

( 10 ) . 

Absolute pressures were measured by three detectors: 

3 

(1) Bourdon tube gauge (1-10 Torr) ; (2) thermal conductivity 

“3 “8 ""3 

gauge (10 -1 Torr); and (3) ion gauge (10 -10 Torr). 

The valves / the pumping chamber and most of the tubing 

in the recycle loop were stainless steel. The reactor and 

gas preheater sections were quartz. The quartz and stainless 

steel sections were connected with pyrex glass tubing. 

Graded glass was used for pyr ex-quartz transitions and Kovar 

for pyrex-stainless steel transitions. The valves and other 
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stainless steel components that were not welded were connected 
with high vacuum flanges. Gold-plated gaskets were used to 
avoid undesirable corrosion by sulfurous gases. 

The recycle pump was a bellows pump modified for vacuum 
use. The whole reactor system was encased in an oven that 
could be baked to 200°C. 

1 " 

The catalyst consisted of 2-3 layers of ^ catalyst 
pellets and was supported on a quartz mesh. Quartz packing 

1« I't 

that consisted of dia. x long quartz cylinders was 
loaded on top of the pellets to distribute the gas flow and 
heat evenly. 

To maintain a constant temperature across the quartz 
packing and catalyst bed it was necessary to preheat the gas 
before it entered the reactor section. The reactor was 
heated by two elements of a 500 watt ceramic furnace and a 
175 watt gas preheater. The maximum reactor temperature of 
this arrangement was 600“C. 

Reactor temperature was measured by two chromel-alumel 
thermocouples inserted into a quartz thermowell. The 
thermowell was placed diagonally across the reaction section. 
One thermocouple was located at the level of the catalyst bed 
in the center of the quartz tube that made up the reactor 
section, the other was placed at the top of the quartz 
packing. Excellent temperature stability was obtained by 
using a voltage regulator on the powa^: source for the variacs 
that controlled the furnace and preheater. 




During an experiment the variacs were adjusted so that 
the thermocouple voltages registered within 1-2 degrees and 
the voltage of the lower thermocouple as measured by a 
potentiometer (using an ice-water slush reference junction) 
was taken to indicate the reaction temperature. 

All reaction rate measurements were done at a total 
pressure of 750-760 Torr (room pressure) , 

Reactor feed gas of a low ppm* hydrocarbon (20-30) was 
obtained from commercial sources and their analyses of the 
compositions were used in treating the data. 

It is very important in catalytic combustion to avoid 
high reactant concentrations because of the high rate of heat 
production and thus danger of catalyst sintering resulting 
from the exothermic combustion reactions . However it was 
necessary in some experiments to introduce large concentrations 
of reactants and/or poisons into the reactor loop. This was 
accomplished by injecting a sample loop of a small volume of 
high concentration gas from a six-way injection valve into 
the gas flow feeding the reactor loop. The recycle tubing 
was designed to avoid initial localized regions of 
high concentrations on the order of the injection 
concentration. This was done by including a catalyst bed 
bypass loop in the reactor recycle loop (fig. 2) . The flow 
resistance caused by the quartz mesh, catalyst pellets and 
quartz packing in the reactor section together with the 

*ppm is based on volume, ppm=raole fraction x 10^ 



larger diameter tubing used in the bypass increase the 
internal recycle through the b37pass and thereby increase the 
instantaneous mixing performance of the reactor recycle 
loop. A valve was included in the catalyst bed bypass loop 
to control the bypass flow if needed. In the kinetic 
experiments the reactor feed rate was slow enough for it to 
be left open. It was^ however, necessary to close it for the 
surface area measurements and temperature programmed 
desorptions that will be mentioned later. 

Calibrations of the pressure drop around the recycle 
loop indicate that the flow through the reactor with the 
bypass open was in excess of 20 liters per minute. High 
flowrates and the shallow bed used in this work gave very 
small space times and very small conversions per pass . 
Carberry {11) has shown that for very small conversions 
involving a first order reaction recycle ratios of 1:20 will 
exhibit CFSTR, continuous flow stirred tank reactor, 
behavior . In aJ 1 experiments the recycle ratios based upon 
reactor loop pressure drop correlations were kept in excess 
of 1:20. In addition some tracer experiments with air and 
helium were performed to study the mixing phenomena of this 
reactor at high reactor loop feed rates and to calculate the 
kinetic volume of the reactor. The mixing performance of 
the reactor loop with the catalyst bed bypass valve open was 
investigated over low and moderate flowrates and two very 
high flowrates. CFSTR beha^;ior was observed at flows of 
38.1-361.4 cm /min. with the calculated reactor loop volume 


1: . ../.a,:, ■ i :.: ..L-^. '■ . t . i 
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3 

of >\j 630 cm . Mixing behavior at higher flowrate which were 

well beyond those used in the reaction rate measurements, 1019 
3 

and 2035 cm /min., progressively exhibited large deviations 
from CPSTR performance. A graphical representation of these 
results and a tentative explanation for the high flow devia~ 
ations is included in Appendix 1. 

Concentrations in the catalyst surface area measurements 
and in the tracer experiments were measured by a hot wire 
thermal conductivity cell. The cell response was calibrated 
by injecting gas mixtures supplied by calibrated 
capillaries into the cell flow immediately before the cell to 
obtain a square-wave concentration input. The cell 
performance is described in Appendix 2. 

Hydrocarbon concentrations were measured by a flame 
ionization detector. The linearity of this detector is well 
documented (12) . The sulfur concentrations were measured by 
a flame photometric detector. The detector performance is 
in fair agreement with published calibrations (13) . The 
flame photometric calibrations are given in Appendix 3 . 

Procedures 

For brevity a generalized description of the procediires 
used in this work are given below. When appropriate the 
specific details are presented in an appendix or as a preface 
to work reported in the results section. 

Due to the possibility of sintering, temperatures above 
400 °C (14) were avoided in all procedures. The temperature 
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of 380 “C (2) was generally chosen as the maximum usable 
temperature . 

The general preparation procedure involved 4 steps: 

(1) clean up the catalyst by outgassing to 10 Torr at 
380°C? (2) oxidize at 380°C to burn off any residual adsorbed 

impurities? (3) reduce at 380 °C? and (4) outgas at 380 °C to 
remove adsorbed hydrogen from the palladium (15) . During 
the oxidation and reduction periods the oxygen and hydrogen 
pressures are kept to a few Torr and the temperature is 
slowly raised (fv 5“C/min maximum) to avoid a high exothermic 
surface reaction rate with surface species / which could lead 
to catalyst sintering (14) . 

Throughout this work a major problem was encountered in 
separating the catalytic phenomena from the adsorption 
phenomena / since both the combustion products and the 
reactants adsorb strongly on the catalyst support. Since in 
these experiments only ethane concentrations were monitored, 
catalytic experiments were made particularly difficult in the 
are 0-30 ppm concentration range because it was found that the 
adsorption and reaction rates could be of the same magnitude. 

For instance in one experiment it took approximately 33 hours 
to saturate the ethane adsorption on the catalyst support and 
thereby obtain a steady state ethane conversion, based On 
ethane disappearance, which was due to ethane oxidation. 

Specific details of this and one other adsorption experiment are 
given in Appendix 5. 
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Initially the isothermal reaction rate was investigated 
for concentration dependence in the temperature range 0 , 200 - 
270°C. Because of the slow rate of ethane adsorption at low 
ppm relatively high ethane concentrations o. 4000 ppm were 
introduced into the reactor loop at o, 60 cm /min for 
extended periods o, 2 hrs. in these runs. This procedure 
saturated the adsorption of ethane but resulted in catalyst 
deactiviation and was not used in further kinetic 
investigations . 

Another method used to saturate the adsorption on the 
catalyst involved dosing the catalyst with a hydrocarbon by 
means of injections in the reactor as previously mentioned. 
This gave brief periods of high concentration as would be 
expected in a well mixed vessel. Deactivation of the 
catalyst^ if any, appeared to be negligible and was generally 
within experimental error. In any case this method gave by 
far the best results in terms of obtaining a stable catalyst 
in a short period of time. 

Kinetic Experiments 

I- Concentration Dependence 

The objective of these experiments was to determine the 
dependence of the reaction rate on the concentration of the 
hydrocarbon reactant. The data, taken isotherraally , were fit 
to the general form: 
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R = kC^ 

The CFSTR equations used in these calculations appear in 
Appendix 4. Experiments with ethane oxidation showed that 
some methane is simultaneously produced, indicating that some 
ethane disappearance is due to cracking to methane. Since 
the rate oi' oxidation of ethane is much greater than that of 
methane and the apparent cracking is much less than ethane 
oxidation, it was assumed that the cracking rate can be 
directly subtracted from the rate of ethane disappearance to 
give the rate of ethane oxidation. 

The reaction order experiments were of two kinds. 

(1) Steady state experiments with low reactor 
concentrations ( oj 0-30 ppm) . In these experiments a constant 
reactor loop feed concentration was used and the 
concentration in the reactor, which was monitored 
isothermally , was varied by changing the volumetric reactor 
loop feed rate. The log-slope of the reaction rate vs 
concentration is the apparent reaction order. 

(2) Hon-steady state experiments. Here large 
concentrations are introduced into the reactor loop and the 
concentration decay is measured. A reaction order is assumed 
and the solution to the differential equation is arranged in 
such a way that by plotting the appropriate function of 
concentration versus time linear plots are obtained if the 
ass\imed kinetics are correct. The most obvious case is the 


test for first order decay in a well mixed vessel where 
In (concentration) is linear with time. 

II. Temperature Dependence 

The temperature dependence of the reaction rate is 
characterized by the Arrhenius form: 

k = k^expt-E^/RT] 

E is the apparent activation energy for the reaction.' 

The general procedure in these experiments (to avoid 
dosing the catalyst repeatedly) was to establish a steady 
state adsorption at low temperature by dosing the catalyst 
and then to raise the catalyst temperature without dosing. 
Presumably this resulted in a fast desorption of reactant 
from the alumina base to establish the new steady state. 

Preliminary Sulfur Adsorption and Reaction Experiments 
Introduction of a steady known concentration (ppm 
levels) of H 2 S in the feed to the reactor proved to be a 
problem. Premixed gases, ppm of SO 2 and H 2 S in N 2 Y with 
concentration analysis supplied by Matheson Gas were not 
accurate at the time they were used in this work. Galibration 
mixtures from a two stage dilution of H 2 S gas showed that a 
H 2 S tank was 2.3 ppm rather than the listed 18 ppm and a 
SO 2 tank was 3.0 ppm not the reported 9.9 ppm. 


These low values are not surprising since the gas 
mixtures were stored in steel cylinders and large losses of 
ppm H 2 S and SO 2 have been reported on metal and glass 
surfaces (13) . 

During an attempt to calibrate the FPD detector it was 
found that the irreversible removal of H 2 S by stainless steel 
tubing follows approximately first order kinetics and the 
removal rates are stable in excess of 50 hrs. This 
corresponds to well beyond monolayer coverage of the inside 
walls of the tubing. 

Because of the reported ease of oxidation of H 2 S (16) and 

the known removal behavior by a small amount of stainless 

steel tubing the oxidation and removal of H 2 S by the reactor 

without a catalyst was investigated. 

ows from the 2 . 3 ppm H 2 S tank and an air tank were 

mixed to give a total volumetric flow rate of 246 cm^/min 

“4 

with pressures of 100 Torr O 2 and 7 x 10 Torr (0.86 ppm) 

H 2 S. A temperature of 46 °C results in removal of 56% of the 
H 2 S input with 8% being detected as S02* -&-t 141°C no H 2 S 

could be detected and 42% of the input sulfur was detected 
as S02* A graphical representation of all of the data for 
these calibrations is given in Appendix 6. 

Poisoning Experiments 

The method used to poison the catalyst was first to 
establish a stable catalyst at the desired reaction 
temperature and generally at about 50% conversion. Then the 
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catalytic poison was introduced via a six way injection valve 
as previously mentioned. The kinetic response of the 
catalyst was then measured. This method of introducing the 
poison is very useful in establishing measureable reactor 
poison concentrations when using poisons such as H 2 S at 
temperatures where the gas phase oxidation of H 2 S competes 
v/ith its catalytic oxidation. 

Surface Area Measurements 

The methods used to measure surface areas involve 
measuring the amount of an adsorbate desorbed or adsorbed in 
a flowing carrier gas sweeping the catalyst bed with the 
catalyst bed bypass valve closed. Flow through the bellows 
pump is prevented by check valves in the exhaust and intake. 

There was some adsorbate dispersion due to diffusion 
into the dead spaces and segregated flow in the large tubing 
used for the recycle loop, but this dispersion v/as minimized 
by adjusting the carrier gas flow. 

Total catalyst surface areas were measured by nitrogen 
adsorption at low temperature- The general method was similar 
to that used by Nelsen and Eggertsen (17) . To cool the 
catalyst a dewar was inserted in place of the furnace. 

Nitrogen pressures were obtained by mixing helium and nitrogen 
flows using the reactor feed manometers. Since the adsorption 
was slow only desorption could be accurately measured. 

Palladium surface areas were measured by CO adsorption. 
Two methods were used: (1) adsorption at low pressure 10 
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Torr and subsequent desorption at high temperature in a helium 
carrier? and (2) low temperature adsorption from CO injections 
in a helium carrier. This second method is siirdlar to that 
used by Gruber (18) to measure platinum surface areas. Some 
measurements of high temperature H 2 desorption in a N 2 
carrier were also done. 

Adsorption Calculations 

I . N 2 Adsorption 

Total surface areas were measured by physical adsorption 
of N 2 at 77°K. The well-known BET equation (19) was used to 
calculate the surface area. 

II. Adsorption 

Palliditmi surface areas were measured by CO chemisorption 
at 25® C. No uniform method has been adopted to calculate 
palladium surface area from CO adsorption. Ertl (20) has 
reported the maximum coverage i.e. , CO/Pd ratio, on four 
different crystal planes. They are: 0.5(111), 0.7(100), 

1.0(110), and 1.5 (210). From the data of Ertl the surface 
area per CO molecule on each plane can be calculated: 

(111) 13.1 A^; (100) 10.7 A^; (110) 10.6 A^; (210) 12.6 A^. 

The average of the three most stable planes, (111), (100), 

9 

and (110), is 11.5 A"*. This value corresponds to 3.1 
2 3 

[m Pd/ cm CO (STP)], the maximum variations in the values of 

* '23 

the different planes reported is v +0.4 m /cm . Scholten 
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2 3 

and Van Montfoort (21) have obtained value of 3.2 m Pd/cm 
CO (STP) . They compared CO chemisorption to BET surface 
areas on Pd black and Pd sponge . The value of 3.1 was used 
throughout this work. 

Ertl has suggested that "maximum coverage is given by 

the tendency to find a compromise between the foannation of a 

close packed adsorbate layer (which is determined by the size 

of the CO molecule) and with the periodicity of the surface." 

This structure interpretation offers a rough check on the 

2 

above ass^lmed CO average surface area of 11.5 A . 

Values listed by Hirschfelder (22) of the collision diameter 

from kinetic theory all give values of the molecular cross- 

2 

sectional area within the range 10.1-12.3 A . 


The kinetics of ethane oxidation was initially 

investigated using 1.1 grains of catalyst.* 

The catalyst load was pretreated as mentioned in the 

apparatus and procedure section. As shown by the ethane 

adsorption breakthrough in Appendix 5 the initial activity 

of this catalyst load at 197°C was very low. The 

corresponding first order pre-exponential** assuming an 

11 3 

E of 27 kcal/mole was 0.81 x 10 cm /(sec*g). The 

a. 

initial breakthrough after a second oxidation and reduction 

11 3 

gave a pre-exponential of 3.0 x 10 cm /(sec»g). Two 
subsequent oxidation treaments (380°C in air for 8-10 
hours) resulted in essentially the same pre-exponential. 
After a third oxidation treatment a series of steady-state 
experiments (200-270°C) were performed to investigate 
the concentration dependence of the oxidative reaction 
rate. The first run, at 197° G is shown in Figure 3 along 
with some other runs which are described later. Plotted 
in Figure 3 are the log^Q coordinates of the oxidative 
reaction rate in moles/ (sec *g) vs. the ethane reactor 

*The surface area of this catalyst was not measured until 
the H 2 S poisoning experiments. 

**Pre-exponentials quoted on this first catalyst load are 
evaluated using first order kinetics and an E of 

a. 

27 kcal/mole. Subsequent reaction order and 
determinations have shown these to be good values . 




LoQjq (cone.), mole/liter 

Fig. ..3. Stead.y~sta-f:e-.DGeaction--OEder- runs', -first- -catalyst 
load, 1.1 grains, 2 00“300®C. Two activity levels 
are represented, Q 197°C, pre-exponential k is 

12 3 ^ 

1.1 X 10 cm /{sec • g) and O 198°C, A 227°C , 

□ 248 °C, 0 271°C, A 301“C, pre-exponential is 

2.1 X 10^^ cm^/{sec*g) 
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concentration in mole s/liter. Approximately first order 
kinetics were observed. This run represents the highest 
stable oxidation rate coefficient obtained with this 
catalyst/ a pre-exponential of 1.1 x 10 cm /(sec*g). 

The adsorption saturation procedure used in the remaining 
runs in this series (200-27 0°C) caused the catalyst to 
deactivate appreciably. At 270°C the extrapolated pre- 
exponential amounted to 0.59 x 10 cm /(sec»g). 

Oxidation treatment at 380°C for 8-10 hours resulted in 
only partial recovery of the initial activity. The pre- 
exponential on the next run (reported below) was 

1 1 o . 

2.1 X 10 cm /(sec*g). To investigate the concentration 
and temper attire dependence of the reaction rate from 
200-300°C the procedures for the steady-state reaction 
order runs and the temperature runs were combined. 

After pretreating the catalyst with air at SOO^C for 'v.lO 
hours/ the catalyst temperature was dropped to ^<200°C 
and the catalyst adsorption was saturated with the selected 
ethane concentration in the reactor feed gas. The 
catalyst temperature was then monotonically increased to 
four higher temperatures. Reaction order runs were done 
at each of the five different temperatures. After each 


rim to deteannine reaction order the catalyst vras lowered 
to 'v»200°C and the activity checked. The activity after 
each reaction run was within the scatter of the data for 
the initial reaction run at 200 ®C. Within the scatter in 
the data activity corrections were not warranted. 

No voltage regulator was used for these experiments 
and hence the reactor temperature varied by as much as 
5°C. In the reaction order runs the reaction rates at 
constant concentration were corrected to the average 
temperature of all experimental points in that run using 
27 kcal/mole for the activation energy. 

The reaction order data is represented in Figure 3. 

A first order line is drawn for each set of data. The 

overall temperature run is represented in Figure 4. 

The slope of the line drawn corresponds to 27 kcal/raole, 

11 3 

the pre-exponential k is 2.1 x 10 cm /(sec*g), 

W 

After these experiments r the effect of freon 
poisoning was investigated with a few freon injections. 

The poisoning was reversible and this work is described 
in Appendix 7. Subsequent to the freon poisoning 
experiments the oxidation of diethyl ketone was studied, 
poisoning in these experiments was also reversible and is 
reported in the next section below. 

Prior to the hydrogen sulfide poisoning experiments 
and after the diethyl ketone experiments another temperature 
run (200-320°C) was done, Figure 5. The slope of the line 
drawn corresponds to 29 kcal/mole. Extrapolated with 


(First-Order Rate Coefficient) 
cm /{g • sec) 



Fig. 4 Arrhenius plot of the lower activity data 

presented in figure 3. Apparent E and pre 

^ 11 

exponential are 27 kcal/mole and 2.1 x 10 

3 

cm / (sec*g) . 
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Fig. 5 Arrhenius plot of data taken before the hydrogen 
sulfide poisoning. E from the slope of the 

line drawn in 29 kcal/mole. Assuming 27 kcal/ 

mole at 254 °C yields a pre-exponential k of 

11 3 ^ 

8.6 X 10 cm /{sec-g). CO chemisorptxon of 

2 

0.85 m /g translates this value to a pre- 

g 

exponential k^ of 1.0 x 10 cm/sec. Four runs 
over 5 days, O 1st, □ 2nd, A 3rd, ^ 4th. 



27 kcal/mole from 254®C the pre- exponential is 

11 3 

8.6 X 10 cm /(sec»g). The GO chemisorption before and 

2 

after this run gave 0.85 m /g and a pre-exponential of 
8 

1.0 X 10 cm/sec. The total surface of the catalyst (BET 
Method) was 118 m^g. 

The apparent activation energies and pre-exponentials 
from the data in Figures 3 and 4 are similar to those 
evaluated from the data of R. Vincent* (210-300®C) using 
0.17 grams of the same catalyst, see Figure 6. Although 
Vincent also observed the production of methane no 
quantitative methane data was reported hence only the 
disappearance of ethane was used to calculate the first 
order rate coefficients. The value of from the slope 
of the line drawn is 25 kcal/mole, the pre- exponential 
k^ extrapolated from 242°C with 27 kcal/mole is 

3.7 X 10^^ cm^/(sec.g) . 

On a second catalyst load used in this work, 1.66 
grams , a few unsteady- state experiments were carried out 
to confirm the first order concentration dependence of the 
reaction rate. Plots of the natural logarithm of the mole 
fraction of ethane vs. time were linear and are represented 
in Figure 7 . 

Although the data fits first order two discrepancies 
should be noted. (1) The first order rate coefficients 


*Unpublished data taken in this laboratory. 
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Fig. 6 Arrhenius plot, 210-300 °C on 0.17 grains of catalyst 
, Data of R. Vincent. Rate coefficients are _ ' 

• ■ • calculated, on the first order disappearance of 

ethane. Apparent E from the slope of the line 

drawn is 25 kcal/mole. Assuming 27 kcal/mole at 

11 

242°C yields a pre-exponential k of 3.7 x 10 . 

• . • 3 W ■ 

. . - cm /(sec-g). Data in sequential order 

0 1/30, Cil/31, b.2/13, 0 2/19, A 2/20, 

O 2/26, □ 2/27. 
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Fig. 7 Unsteady state reaction order runs on the 
second catalyst loadj- 1.66 grams, mole 
fraction ethane versus time. Three different 
reaction temperatures, A230°C, volumetric 

3 

flowrate 48.8 cm /min., 19.9 moles of ethane 
injected, 0261°C, volumetric flowrate , 57.3 

cm /min., 43,7 n moles of ethane injected, 

' ^ 3 

□ 284 "C, volumetric f locate 125.0 cm /min., • 

. 43,7 y moles of ethane injected. 
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calculated from the slopes of the lines are in every case 
smaller than the rate coefficients calculated from steady- 
state measurements immediately prior to each run; at 
284“C at 261‘’C kAss=|*; and at 230“C 

The half order and second order models do not represent 
the kinetic data. Plots assuming half and second order 
kinetics are shown in Appendix 4. (2) The initial 

concentrations from extrapolation to zero time for the 
43.7 y mole injections are about 15% too high. The 
initial concentration from the 19.9 y mole injection 
agrees well with the calculated value if an effective 
reactor loop temperature of 70°C is used. The temperature 
of 70 °C agrees with the average temperature as measured 
by thermocouples attached to the outside of the recycle 
loop. When the time axis of the plots for the 43.7 y 
mole injections are expanded there appears to be a slight 
curvature near zero time in both cases and if the 
curvature is extended the calculated initial mole fraction 
is obtained. This phenomenon is more exaggerated for 
larger injection volumes not reported here. 

II. Diethyl Ketone Oxidation Kinetics 

Prior to the diethyl ketone, DEK, oxidation runs the 
catalyst was pretreated with 380 “C air for '^lO hours. 

Initially the concentration dependence of the reaction 
rate was investigated. A temperature of 137°C was chosen 
because it was near the temperature reported by Rabb (2) 
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where the itiaxiitium rate of DEK desorption occurs. At this 
temperature injections of DEK were required to establish a 
measurable steady-state DEK concentration in the reactor 
effluent. 

Quantitative measurement of the initial reaction rate 
was not possible due to the extremely long times required 
to attain a steady-state adsorption of DEK on the catalyst. 
Furthermore, the large amount of physical adsorption on 
the catalyst combined with the very slow adsorption- 
desorption rates and concurrent catalyst deactivation made 
it impossible to measure reaction rates for different 
concentrations at constant catalyst activity. A large 
change in the DEK pressure at 137®C resulted in such a 
large and slow adsorption or desorption rate that by the 
time the catalyst had come to a steady adsorption the rate 
coefficient had significantly changed. It was fotind that 
if the adsorption on the catalyst was saturated at a 
constant flowrate the pressure changes caused by the 
catalyst deactivation were slow enough that the rate of 
poisoning could be measured. The poisoning phenomenon 
is represented in Figure 8, the apparent activity having 
decreased by a factor greater than 2.2. 

The concentration dependence of the reaction rate was 
studied after the catalyst reached a stable activity 
(Figure 9) . First order kinetics were observed. After 
the reaction order rvui three temperature runs were done, 
Figure 10. Whenever the catalyst temeprature was lowered 




Reaction Rate, moIe/(g*sec) 



I n ( First -Order Rate Coefficient) 



Pig. 10 Arrhenius plot for diethyl ketone oxidation. 
Three runs over 5 daysOlst and 2nd, □ 3rd, 

A 4th and 5th day. Apparent E from slope of 

line dravm is 14 kcal/mole, pre-exponentials 

7 7 3 

k are 1.74 x 10 and 4.47 x 10 cm /(secVgJl 

" • 2 
Subsequent CO chemisorption gave- 0.79 m /g, this 

yields a pre -exponential k of 5.6S x 10 cm/sec 



injections of DEK were required to re-establish the steady- 
state. After the second temperature ru” there was some 
regeneration of the catalyst activity. The apparent 
activity on the second run increased by a factor of 2.6. 

The slopes of the lines drawn in Figure 7 yield 14 kcal/mole, 

7 

the corresponding pre-exponentials are 1.74 x 10 and 
7 3 

4.47 X 10 cm /(sec»g) . Subsequent CO chemisorption gave 

2 3 

0.79 m /g and a pre-exponential k of 5.66 x 10 cm/sec. 

III. Hydrogen Sulfide Poisoning 

The complete oxidation and removal of a continuous 

low level input of H 2 S {0.86 ppm) f as mentioned in the 

apparatus and procedure section was observed at 140 °Cr 

residence time of 2,56 minutes. This is far below the 

temperatures needed for intermediate conversions of ethane 

at reasonable residence times ('^ 1-10 minutes) for the 

amount of catalyst used in this work that could be loaded 

into the reactor 0-2 grams) . It was then decided to 

introduce the poison by the injection method which 

presirmably would result in transient high H 2 S 

concentrations. Adsorption of and oxidation of H 2 S by 

Al 202 r H 2 S + f'^^ads’’^ ^2*^ ^ ^ads'’ previously been 

reported. (23) As a preliminary to the poisoning of the 
catalyst with H 2 S injections, the oxidation behavior of 
hydrogen sulfide injections using about one gram of the 
catalyst support was investigated. 
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The result was that the complete oxidation of an 
injection of 15.1 -|i moles of H 2 S was very fast. After 
0.4 residence times at 200®C there was no measurable 
H 2 S concentration. However, the injection method for H 2 S 
introduction represented a method whereby measurable H 2 S 
concentrations could be introduced into the reactor using 
the relatively slow volumetric flowrates with which 
concurrent ethane kinetics could be measured. A graphical 
representation of the oxidation of H 2 S injections over the 
catalyst support is given in Appendix 8. 

After these preliminary experiments on H 2 S oxidation 
by the alumina base the recycle tubing was visibly sulfided. 
Prior to reloading the catalyst used in the previous 
hydrocarbon oxidation experiments the recycle loop was 
rigorously cleaned in a series of acid baths by the 
Lawrence Berkeley Laboratory plating shop. 

The catalyst was then loaded back in and pretreated 

in air at 380°C for 10 hours. Afterwards the temperature 

run shown in Figure 5 was done. This plot gives a good 

representation of the scatter involved in the temperature 

11 3 

runs. The pre-exponential k^ of 8.6 x 10 cm /{sec*g) is 
equivalent (within experimental error) to the highest activity 
seen on the first reaction order run at 197®C, Figure 1. 

Four poisoning experiments were done at 256 ±3°C on 
this catalyst load. Throughout the poisoning runs the 
ethane cracking rate coefficient was 2-3% of the oxidation 
rate coefficient. 


The approach taken xn these poxsonxng experxments 
was to use a series of small hydrogen sulfide injections 
to decrease incrementally the rate coefficient and then to 
measure the amount of CO adsorbed by the poisoned catalyst. 

As stated in the appendix / the sulfur detector saturates 
at 14 ppm and calibrations above 14 ppm were obtained 
with H 2 S dilutions. The sulfur concentration given in 
the Illustrations below are based upon the H^S oalibrations . 
From a mass balance on the SO 2 output for a given injection 
the sulfur calibration for SO 2 is a factor of 2. 0-2.5 too 
high assuming a negligible sulfur sink in the reactor. 

It is therefore expected that the sulfur concentrations 
above 14 ppm given in the illustrations below are at 
least a factor of 2 too high. 

The overall poisoning of the catalyst and CO 

chemisorption is represented in Figure 11. Plotted in 

Figure 11 are the first order rate coefficients for 

3 

oxidation and cracking of ethane at 256°C in cm /(sec*g) 
vs. the total amount of H 2 S injected in y moles. 

Throughout the four series of injections plotted in Figure 11 
the reactor temperature was 256 ± 3°C and the rate 
coefficients plotted were corrected to their values at 
256°C using an E of 27 kcal/mole. The unsteady-state 
behavior of the rate coefficients immediately after H 2 S 
injections for 231 to 408 ymoles and for 408 to 592 


^moles H 2 S injected are shown in Figures 12 and 13. 
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Fig. 11 Hydrogen sulfide poisoning of the first catalyst 
load, 1.1 grams. Open symbols are oxidation 
rate coefficients, half shaded symbols are 
cracking coefficients. Four series of injections 
are represented. First series, 5 injections, O , 
of 10.2 ]i moles each at a residence time of 2.5 
min., 258°C, second series, 0,6 injections of 
10.3 ]x moles each at a residence time of 4.9 min. 
255 °C. Third series, A , four injections of 59.0 
moles each at a residence time of 5.0 itiin. , 
254“C. Fourth series, ^ , 2 injections of 184,1 
]i moles each at a residence time of 5,0 min,, 
254°C. Rate coefficients after the fourth series 
fc, , after outgassing to 380 "C, <7 , after oxygen 
treatment at 600 ®C. 
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Fig. 12 Unsteady state behavior of third poisoning series 
for 59 u mole injections. Cumulative sulfur 
loading corresponds to 113-349 ^ moles H 2 S on 

figure 11. Reaction temperature is 254 °C, 
residence time is 5,0 min. Ethane feed level is 
30 ppm. Symbols: x, initial and final 

oxidation and cracking rate coefficients , 
respectively calculated from steady state data^ 
OSO,/ ^ SO 2 X 500, H 2 S, □ CH^ X 10, A C2Hg. 
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Unsteady state behavior of the first injection 
on the fourth poisoning series, 184.1 li mole 
injection. Cumulative sulfur loading 
corresponds to 349-533 ]i moles. Pinal rate 
coefficients are those after a second 184 
]ji mole injection at 283 minutes, 717 y moles 
on figure 11. Reaction temperature is 254. 2®C 
residence time is 5.0 min., ethane feed level 
'is 30 ppm. Symbols; *, x, initial and final 
oxidation and cracking rate coefficients , 
respectively calculated from steady state data 
O S0„r i2> H,S, □ CH. X 10, A C2Hg. 
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Plotted in Figures 12 and 13 are the concentrations* 
of ethane and methane in ppm, the corresponding first 
order oxidation and cracking rate coefficients and the 
concurrent H 2 S and SO 2 concentrations in ppm which are 
plotted against time in minutes. These figures (also 
fig. 19 and 20) were computer drawn. The lines drawn 
through the ethane and methane concentration data were 
generated from an n order polynomial curve fit to the 
time dependent concentrations. The concentration-time 
derivatives needed to compute the rate coefficients for 
the plots were evaluated from the fitted polynomial. The 
salient features of these plots are (1) the H 2 S is 
removed from the gas phase very fast, much less than one 
residence time, (2) the SO 2 is present in the reactor 
much longer than would be expected for a simple concentration 
wash out of a CFSTR** and (3) the rate coefficients are 
inversely proportional to the SO 2 concentration. 

The method used initially to measure the CO chemisorption 
in these runs was to adsorb CO at low temperature and low 
pressure and then to measure the desorption at high 
temperatures. This method proved to be difficult to use 


*As mentioned in a previous footnote ppm is not equivalent 
to concentration but in this work it is used in lieu of 

g 

mole fraction x 10 . 

**For a simple washout in a CFSTR the concentration should 
decrease by a factor of e every residence time. 
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for two reasons: (1) the thermal conductivity of CO is very 
close to the reaction gases relative to the He carrier gas. 

The integral of the change in the thermal conductivity of 
the carrier gas was used as a measure of the amount of CO 
desorption and no provision was made to separate CO from 
other desorbing gases. A quantitative measure of the 
desorbing CO then required the catalyst to be well 
outgassed at a temperature in excess of the CO desorption 
temperature. (2) the outgassing procedure required for the 
CO desorption measurements resulted in some restoration of 
the catalytic activity. 

This regeneration phenomena is illustrated by figure 11. 
The gain in activity is shown by the difference between the 
ending value of the rate coefficient in one series of 
injections and the much larger beginning value of the 
subsequent injection series. 

Further discussion of fig. 11 is presented below. 

By far the largest activity loss a. 30% occurs with first 
injection 10.2 ymoles. 

Another peculiarity in this first injection is that the 
concentrations stabilized very fast v30 minutes whereas ''*50 
minutes was required for the other injections in that series. 

Of some interest is that the activity level after the 
first H 2 S injection of the first and second injection series 
correspond closely to the initial activity of the second and 
third runs. 

After the first poisoning run the catalyst was outgassed 
and the CO desorption measurement gave 0.62 m /g. An attempt 






was made to verify this value with H 2 desorption in an 

N 2 carrier due to the possibility of other desorbing 

gases. The method suggested by Boudart (15) was used for 

obtaining hydrogen surface coverage on Pd. Hydrogen 

desorption in a 1?2 carrier seemed attractive for two 

reasons: (1) the temperatures needed to desorb hydrogen 

are less than the reaction temperature. (2) all the 

reaction gases have thermal conductivities very close to 

^2 in comparison with H 2 . For three hydrogen adsorptions 

the average desorbable hydrogen at 200 °C amounted to about 

4% of the CO adsorption, assuming a ratio of CO/H coverage 

of 0.73. Due to the extremely low value of H 2 desorption, 

the CO desorption was again measured, it was found to have 

2 

decreased from 0.62 to 0.49 m /g. The initial oxidation 

3 

rate coefficient after CO and H 2 adsorbtions was 3.7 cm / 

(sec*g), after 15.5 hours at the reaction temperature 

of 256°C the rate coefficient had increased to 4.6 cm / 

(sec*g) and was stable at this level for 3 hours. At 

that point a second series of H 2 S injections were begun. 

After the second run the catalyst was outgassed and the CO 

2 

adsorption gave a, 0.52 m /g. 

In an effort to try to measure CO adsorption after 
the H 2 S injections and before outgassing a method involving 
adsorption of CO from CO slugs injected into the He carrier 
gas was tried. Although this method did not give as 
reproducible results as the CO desorption method the errors 
were small. Based on CO adsorption after second run the 


errors were '><10% while the errors in the desorption 
experiments were <5%. 

Immediately after the third poisoning the adsorption 

from CO slugs was used. Five cycles of adsorption - 

desorption of CO were done, figure 14. Care was taken to 

heat the bed uniformly to the reaction temperature to 

desorb the CO. An apparent plateau was reached during the 

second, third and fourth cycles. The corresponding values 

of apparent surface area are plotted in figure 11. After 

the fifth cycle the catalyst temperature was raised to 

380"C in flowing He, the SOg desorption is shown in 

figure 15 where the rate of SO 2 desorption in moles/see 

is plotted vs reactor temperature. After outgassing the 

2 

CO adsorption gave 0.51 m /g. 

For the last poisoning run two relatively large 

injections of H 2 S were used, the first injection resulted 

in deactivation as expected. The second injection resulted 

in some regeneration of activity. The same effect was 

seen at higher temperatures and larger H 2 S injections on 

a second catalyst load which will be mentioned later. 

After outgassing at 380®C the rate coefficient at 265 °C 
3 

was 'vS cm /{sec«g) . 

After the H 2 S injection runs and outgassing to 380®C 
the catalyst was heated in flowing air to 'v600°C, the 
SO 2 concentrations are shown in figure 16. Plotted in 
figure 16 are the SO 2 desorbtion rate and concurrent 
reactor temperature in °C vs time in minutes. The 
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Fig. 14 Adsorption - desorption of CO after third 

poisoning series and before high temperature 
outgassing. Five cycles of adsorption from 
CO slugs at 25“C and subsequent desorption at 
the reaction temperature of 254“C, Of adsorption 
A r desorption. 
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Sulfur dioxide desorption rate in flowing helium 

0.40 cm /sec. After 5 cycles of CO adsorption - 
desorption the catalyst temperature was raised to 
380°C with a linear heating schedule of 0.11°C/sec. 
The dashed line represents concentrations above the 
sulfur dectector saturation point of 14 ppm. 
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Sulfur dioxide desorption during high teidperature 
oxygen treatment. After the fourth series of • ■ 
hydrogen, sulfide injections and subsequent 
outgassing to 380 ®C the catalyst temperature was 
programmed to 620®C in flowing air, at 2.42 
3 , 

cm /sec. 
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oxidation rate coefficient after this treatment remained 
3 

at ^3 cm /(sec»g). Carbon monoxide adsorption after the 

2 

high temperature ©2 treatment gave M).50 m /g, 

A second catalyst load, 1.66 grains was charged into 

the reactor to investigate further the H 2 S poisoning of 

this catalyst. The method used to measure CO chemisorption 

on this catalyst was to outgas at 380°C and measure the 

adsorption from slugs of CO. Two different temperatures, 

fb310“C and 'b250®C were used in three series of hydrogen 

sulfide injections. Some reaction order runs were initially 

done, figure 7, these experiments are discussed in the 

previous section on ethane oxidation kinetics. Next two 

temperature runs were done 217-331“C. These data along 

with steady-state data from the reaction order runs was 

used in the Arrhenius plot shown in figure 17- For 

comparison the initial temperature runs before the 

hydrogen sulfide poisoning of the first catalyst load are 

also plotted in figure 17. Although the Arrhenius plot 

for the second catalyst is nonlinear overall, the apparent 

Ea corresponds to roughly 13-14 kcal/mole from 256-331®C, 

The initial CO chemisorption gave 1.3 m /g. The overall 

poisoning phenomena on this catalyst load is represented 

in figure 18. Plotted in figure 18 are the first order 

rate coefficients for the oxidation and cracking of ethane 
3 

in cm /(sec*g) extrapolated to 256 °C vs. the total amount 
of H„S injected in -11 moles. The rate coefficients in 
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Pig. 17 Arrehinus plot for data on catalyst loads one 
and two, prior to hydrogen sulfide injections. 
Temperature run on first catalyst load, , 
data from figure 5, Open symbols are data on 
the second catalyst load: □ , initial rate 
coefficients measured along with the unsteady 
state reactiion order runs; A , 0 , two 
temperature runs on consecutive days after the 
reaction order runs. 
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Pig. 18 Hydrogen sulfide poisoning of the second catalyst 
load, 1.66 grains. Open symbols are oxidation 
rate coefficients, half shaded symbols are 
cracking coefficients. Three injection series 
are represented; First series, 2, injections,©) 

. • 58.7 and 184.3 y moles at a residence time of 

5.18 mini, 309. 1°G; second series, □ , 2 
injections 184.3 and 1326 y.. moles at a residence 
time of 5.18 min., 309. 9®G; third series, • A ^ A. 
injections, 183.9 and 1322 y moles at residence 
times of 8.46 and 2,84 min. and reactor 
temperatures of 249,5 and 256.0, respectively. 


Surface Area^ m /g 



figure 18 above 256'’C are corrected to 256®C with 13.5 
kcal/mole, those below are corrected with the arbitrary 
value of 27 kcal/mole. Due to the uncertain! ty in the Ea 
for this catalyst load only a gualitive comparison between 
the rate coefficients extrapolated from 'u310®C on the 
first two injection series and the rate coefficients extrap- 
olated from 250*C on the third injection series can be made. 

The initial oxidation rate coefficient plotted in 
figure 18, 2.5 cm /{sec. g), was taken from the previous 
temperature run and was extrapolated from 300 ®C since the 
initial poisoning runs were at a reaction temperature of 
i\j310®C. The apparent cracking rate coefficient is 0,14% 
of this magnitude. After the temperature runs the catalyst 
was left at room temperature in the reaction gases for '\/41 
hours. When the reactor was heated up again the rate 
coefficient at 256°C extrapolated from 309°C had decayed to 
1.5 cmV(sec.g), the cracking coefficient remained at 14% 
of the oxidation coefficient. These rate coefficient values 
are plotted in figure 18. Reaction rates measured at two 
different temperatures 309.2 and 282. 8®C immediately before 
the first poisoning gave an apparent Ea of 13.9 kcal/mole. 

The first series of injections at 309 ®C decreased the 
oxidation rate coefficient while the cracking coefficient 
increased slightly. The surface area decreased from 1.3 
to 1.1 m^/g, throughout the remainder of the experiments 
the CO chemisorption stayed at this level. The two 
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/ 

injections in the secoxid poisoning run at 310 **C had - 

different effects. The first, 184.3 y moles, which was 
the same amount as the last injection on the first run 
j didn’t effect the oxidation rate coefficient. The second 

1 injection, 1326 -\i moles, resulted in reactivation to about 

I " 

\ the level of activity measured in the temperature runs at 

i 

[ this temperature. The unsteady state behavior after this 

t 'i 

I injection is shovm in figure 19. The two injections in 

! the third and last run at 249 “C also had varing effects. 

I ■: 

I The first injection having the same amoxint as the first 

i 

1 injection on the second run, 184.3 u moles, similiarly 

did not effect the oxidation rate coefficient. The second 
I ; 

I injection of the third run having the same amount of H 2 S 

I ; 

j as the second injection of the second run 1326 y moles 

>1 resulted in deactivation. The non-steady state behavior 

I on the first injection of the 3rd run is shown in figure 20. . 
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Unsteady state behavior ^ second catalyst load, 
after 1326 \i mole hydrogen sulfide injection. 
Second injection of third series, 427.4-1753.4 
U moles on figure 18. Reaction temperature 
is 309. 9 ®C, residence time is 5.18 min., 
ethane feed level is 30 ppm. Symbols: *, x, 
initial and final oxidation and cracking rate 
coefficients, respectively. Calculated from 
steady state data, O SO^, ^) H 2 S, D CH^, A C„Hg. 
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Discussion 


I. Intrinsic Kinetics 


1. Ethane Oxidation 

Under the reaction conditions used in this work/ 10 
torr C^Hg, torr 02,^. 200-300 '’C,C 2 Hg oxidation follows 

first order kinetics with an apparent of 27 kcal/mole. 

oL 

The highest stable pre-exponential k measured was 

s 

g 

1.0 X 10 cm/sec. A previous work in this laboratory (2) 
using an integral reactor with a 0.5 wt % Pd Englehard 
catalyst had reported first order kinetics and an E^ 
range 21-33 kcal/mole. Temperatures of 9 0-185 °C 
were used with the same ethane and oxygen pressures as in 
this work. The widest range of temperatures used in any 
^a in Rabbs work (2) was 25 ®C. Considering 

the scatter in the data in this work and in Rabbs work 
temperature ranges much larger than 25*0 should be used to 
determine an E^. Low E^ values over a small temperature 
range are attributable to ethane adsorption-desorption 
effects. Changing the catalyst temperature results in 
net ethane adsorption or desorption at a rate of the same 
magnitude as the reaction rate based on the disappearance 
ethane. Lowering the catalyst temperature can result in 
a significant but slow net adsorption rate and thus can 
lead to low apparent E . Raising the temperature causes 
net ethane desorption, leading to a suprious low reaction 


rate based on ethane disappearance and a low calculated 
E^. These adsorption - desorption effects are minimized 
when the temperature range used to determine the E is 
large giving rise to very large changes in the oxidation 
reaction rate which are large compared to the adsorption 
desorption rates. Of the two catalyst loads used by 
Rabb the pre-exponentials computed* assuming an effective 
E of 27 kcal/mole at 162°C are 9.3 x 10® and 3.7 x 10® cm/sec. 

a 

In both computations a CO chemisorption of 17 mole/g which 

translates to 1.2 m /g Pd has been assumed. It is of 

some interest that Rabb ' s CO chemisorption on the fresh 

2 

catalyst translates to 1.3 m /g which is the same 
surface measured initially on the second catalyst load 
used in this work. This result is unexpected since the 
support surface areas are of comparable magnitude and 
the Englhard catalyst has a surface impregnation (0.42 
of the pellet volume ) , whereas this catalyst has a deeper 
impregnation (0.78 of the outer pellet volume) in this work. 


*Rabb's reported reaction rates are based on gross volume 
of catalyst bed, the catalytic rate coefficient is given 
by k„ [cm/sec] = [k* V/S] catalyst bed volume, V has been 
back^calculated from the formula given in his thesis 
appendix, assuming that his reported bed heights of 
0. 7-1.5 in. correspond to the catalyst loads of 3,9 and 
7.8 grams respectively. The Pd surface area of each 
catalyst load, S, was calculated assuming 17 ]x moles of 
CO adsorbed per gram of catalyst. 


The Pd loading was the same for both catalysts so one might 
have expected a greater Pd surface area in the catalyst used 
in this work. 

There is very little data in the literature on ethane 
oxidation by noble metals. Wise (8) using the catalytic 
ignition method with a Pt wire has reported first order 
kinetics, an E of 27.3 kcal/mole and a pre-exponential 

Si 

of 2.8 X 10^^ cm/sec. Pressures of 'blO^ torr O 2 and 
''' 10 torr ethane were used and the transition ignition 
temperatures which are used in the Arrehius plot were in 
the range 440-480“C. 

2. Diethvl Ketone Oxidation 

First order kinetics were observed at 137°C. The 
apparent E calculated from first order rate coefficients 
in the range 110-19 O^C is *^14 kcal/mole. The highest 

3 

stable pre-exponential was 5.7 x 10 cm/sec, based on a 

2 

surface area of 0.79 m /g measured after the DEK runs. 

Nonlinear self poisoning of the reaction was 
observed at 137''C, the poisoning was reversible. After 
the temperature was increased to ^190°C on the second 
temperature run, figure 10, there was some apparent 
regeneration. This was confirmed by the apparent pre- 
exponential on the third temperature run. Self poisoning 
of ethane oxidation at temperatures below 190”C has been 
reported by Rabb. 

Wise (8) , using the catalytic ignition method has 


reported first order kinetxcs, an of 14.7 kcal/mole 

a 

g 

and a pre-exponential of 9.5 x 10 for the oxidation of 
DEK on a Pt wire. 

The temperature range was not reported, pressures 
2 

were 10 torr oxygen and 10 torr DEK, Although the 
activities of Pd and Pt are not expected to be the same, 
they are often of the same magnitude for hydrocarbon 
reactions. That the pre-exponentials differ by a factor 
of lO"”^ is not reasonable. This result casts some doubt 
on the relatively high value of Wise ’ s reported Pt 
pre-exponential for ethane oxidation. 

3. Comparison of Ethane and Diethyl Ketone Oxidation 


Rates 

Since the temperature regions used to obtain 
intermediate conversions of the two hydrocarbons did not 
overlap in this work and the kinetics of ethane oxidation 
were more extensively studied, for comparison of the 
oxidation rates a temperature of 175 °C is chosen. This 
is well within the temperature region of the DEK 
experiments and yet requires little extropolation of the 
kinetics obtained in the 200-30 0“C region for ethane 
oxidation. The pre-exponentials and E used in this 

3 

comparison are 5.7 x 10 cm/sec and 14 kcal/mole for 

g 

diethyl ketone and 1.0 x 10 cm/sec and 27 kcal/mole 


for ethane. The concentration of hydrocarbon used is 




175 “C and 


equivalent to 10 ppm (7.6 x 10 torr) at 

one atmosphere total pressure. At these conditions 

2 11 

the DEK turnover number (molecules/sec cm ) is 1.4 x 10 

9 

and the ethane turnover nvunber is 1.1 x 10 . Using the 
Hertz-Knudsen equation (22) to calculate the impingment 
rate for each hydrocarbon, at this temperature, the 

_7 

reaction probability for DEK is 1.0 x 10 and the 
ethane reaction probability is 4.8 x lO”^^. 

4. Mechanism and Predicted Pre-Exponentials of 
Hydrocarbon Oxidation on Noble Metals 

The sticking coefficients of hydrocarbons on noble 
metals are much less than that of oxygen and the oxygen 

4 

pressure used in this work was 10 times larger than 
those of the hydrocarbons hence it is reasonable to 
conclude that the clean Pd surface is covered with a near 
monolayer of adsorbed oxygen. With this in mind there 
appear to be two plausible simple oxidation mechanisms 
which will exhibit first order kinetics. (1) P >.rf ace- 


gas reaction between gaseous hydrocarbon and. adsorbed 
oxygen. The form of the rate equation is: 


H = k [H-C] 0 , „ / and since kI.O, R = k_„[H-C] 

sg‘‘ gas oxygen oxygen sg 

(2) Bimolecular surface reaction between adsorbed oxygen 


and adsorbed hydrocarbon. The form of the rate equation is: 


® oxygen^ 


since 0. 


oxygen 


il.O then R = kg 
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Ass-uming Langmuir adsorption of the hydrocarbon and since 

®oxygen ®H-C ®H-0 " ^ 

to R = 

The magnitudes of the pre-exponentials of the predicted 
first order rate coefficients, and [k K_ ] can be 

S 

estimated from transition state theory. They are, in fact, 
indi.stinguishable within that formalism and predicted to be 
between unity and 10 cm/sec. Though the calculated pre- 

g 

exponential for ethane oxidation is 10 cm/sec, a factor 
of 10 too large, the correct value may be well within 
the expected range because of the experimental uncertainty 
in B . The pre-exponential for diethyl ketone is well 
within the expected range. 

II Hydrogen Sulfide Poisoning 
1, First Catalyst Load 

Hydrogen sulfide poisoning of the ethane oxidation 
reaction exhibited both reversible and irreversible 
poisoning. The irreversible poisoning is characterized 
by a fast initial deactivation 30% with a relatively 
small hydrogen sulfid^ input, 51.0 moles. During a 
series of injections it was not possible to separate the 
reversible from the irreversible poisoning effects, since 
the catalyst was outgassed after a series of injections a 
measure of the irreversible poisoning was only available 


after the cumulative effect of the entire injection series 
The close correspondence of the activity after the first 
injection 10.2 p moles and the irreversible poisoning 
after the first injection series 51 p moles suggests that 
•^30% of the initial activity is irreversibly lost with the 
first hydrogen sulfide injection. 

There are two noteworthy similarities between the 
reversible and irreversible poisoning phenomena. (1) The 
nonlinear behavior of the rate coefficient vs. the amount 
of hydrogen sulfide injected. The nonlinear irreversible 
poisoning is represented by the dotted line/ figure 11. 

As mentioned in the results section this curve is drawn 
through the oxidation rate coefficients after the catalyst 
had been outgassed and thus by irreversible poisoning it 
is meant that the poisoning is not reversible with respect 
to outgassing. The nonlinear reversible poisoning can be 
identified on the third injection series from the 
asymptotic behavior of the oxidation rate coefficient at a 
level well below the irreversible poisoning curve. 

(2) There appears to be a base level of the oxidation rate 
coefficient for reversible and irreversible poisoning as 
shown by the asymptotic behavior in both cases. For 

3 

irreversible poisoning it is 3.2 cm /(sec * g) , for 

3 , 

reversible poisoning it is 2.. 2 cm /(sec • g) . 

Rabb also found that the CO surface area measurement 
decreased with a decreasing rate coefficient. However/ he 


found that an overall decrease in his rate coefficient 
of 75% caused by sulfur poisoning and high temperature 
treatment in oxygen resulted in a 50% decrease in the 
CO chemisorption. The differences may be attributable 
to the different poisoning temperatures used or to 
differences in the CO chemisorption preparation procedures. 

There is some evidence that the reversible poisoning 
is caused by adsorption of sulfur dioxide on the catalyst. 
Temperature programmed desorption of sulfur dioxide after a 
hydrogen sulfide injection and the sulfur dioxide wash 
out after a hydrogen sulfide injection demonstrated strong 
retention of sulfur dioxide by the catalyst. The recovery 
of the rate coefficient at small sulfur dioxide pressures 
after, hydrogen sulfide injections and the further 
restoration after high temperature outgassing suggest 
reversible poisoning by sulfur dioxide. 

It is thought that the CO chemisorption itself did 
not result in reactivation for two reasons: (1) Bonzel 

and Ku (24) reported no direct interaction of adsorbed 
sulfur (deposited by H 2 S gas) and CO on Pt (110) although 
adsorption of sulfur did cause the desorption energy of 
CO to decrease slightly. (2) Repeated activity 
measurement and subsequent CO adsorption cycles resulted 
in the same CO adsorption before poisoning. 

Sulfur dioxide may also be responsible for the 
irreversible poisoning phenomena. No separate experiments 


using sulfur dioxide alone were done, 

Wheeler (25) has shown that with a sufficiently 
large diffusion modulus a small amount of pore mouth 
poisoning results in severe mass transfer limitations, 
accordingly the intrinsic kinetics will not be observed 
after the first introduction of poisoning. Petersen's 
time dependent poisoning model (26) has shown that the 
nonlinear time dependent poisoning as seen by Rabb (2) 
can also be explained by increased diffusion resistance 
caused by progressive pore mouth poisoning if the 
diffusion modulus is large. 

Evidence of pore mouth poisoning of H-C oxidation 
by sulfur has been reported on auto exhaust catalysts 
(G.M. propreitary Cu-Cr on 1/8 inch y alumina 
pellets.) (27) A fuel of 'v300 ppm sulfur content resulted 
in sulfur deposits of 6-10 mils deep. 

Calculations contained in the appendix on diffusion 
limitations assuming Wheeler's model (25) have shown that 
increased diffusion resistance caused by pore mouth 
poisoning did not effect the reaction rate at 256*0 on 
the first catalyst load. 

It should be mentioned that the prediction of 
intrinsic diffusion limitations on this catalyst 
preparation lie between those seen on the two catalyst 
loads used. These calculations are contained in appendix 
9 on diffusion limitations. 


From the data taken it is not possible to say 
whether or not the activity loss is caused by 
progressive pore mouth poisoning. Wheeler's model {25} 
predicts pore mouth poisoning will cause transition 
of the intrinsic E to the diffusional E_ { 'x>l-2 kcal/ 
mole) at large intrinsic diffusion modulus. The 
temperatiires needed to increase the diffusion modulus 
enough to demonstrate an appreciable deviation from the 
intrinsic E^ were not used after the poisoning. 
Furthermore since the intrinsic diffusion limitation of 
this catalyst load were not encountered throughout the 
temperature range used deviation of the apparent E would 

a 

be difficult to interpret. 


2. The Second Catalvst Load 


The kinetic behavior Of the second catalyst load was 
markedly different from the first load. Although first 
order kinetics v/ere observed the Arrhenius plot was non- 
linear. Poisoning of the second catalyst load was not 
characterized by the continuous poisoning phenomena 
exhibited by the first load. This may be attributable in 
part to the higher temperatures used on the first and 
second hydrogen sulfide injection series. The degree of 
poisoning and loss ox surface area was small and the 
poisoning was reversible. 

The nonlinear Arrhenius plot is characteristic of a 




large diffusion resistance. Whether the diffusion 
resistance represents pore mouth poisoning or intrinsic 
mass transfer limitations or a combination is difficult 
to tell from the reaction rate data taken. 

There is some evidence of the catalyst being poisoned 
by residual pressure of sulfur species in the reactor left 
from the poisoning experiments on the first catalyst load. 
If the catalyst were already poisoned prior to hydrogen 
sulfide injections it would explain the reversible 
poisoning result and the minimal loss in surface area 
after the hydrogen sulfide was injected. Assuming 
Wheeler's pore mouth poisoning model (25 ) , if the nonlinear 
Arrehinus plot was an artifact of intrinsic diffusion 
limitations then because of the large intrinsic diffusion 
modulus at the poisoning temperatures used a very small 
amount of poison should cause a very large increase in the 
diffusion resistance and accordingly a very large decrease 
in the apparent rate coefficient. No large decrease was 
observed with the first introduction of hydrogen sulfide. 

To calculate an intrinsic activity of this catalyst 
load the kinetics observed before poisoning must be 
assTJumed to be intrinsic kinetics. With this ass\amption 
the intrinsic activity can be estimated using the Thiele 
model, since the Arrhenius plot is approximately linear 

5 

(13-14 kcal/mole) from 1/T x 10 •■= 169-189. Calculations 

in Appendix 9 oh diffusion limitations show that ' 


assuming the onset of the approximate halving of the 
intrinsic to be at 1/T x 10^ = 189 "K ^ an apparent 
intrinsic pre-exponential can be calculated, 2.9 x 10 

3 

cm /(sec • g) . The pre-exponential prior to poisoning of 
the first catalyst load was about 8.6 x 10 cm /(sec * g) . 
The ratio of these pre-exponentials is '^3 . 4 whereas the 
second catalysts surface area is only about 1.5 times as 
great. 

There is however some justification for assuming 

the intrinsic activity may be higher since the surface 

area per gram corresponds to that of the fresh catalyst 

used in Rabb’s work and his pre-exponentials k^ meastired 

13 12 

on two catalyst loads were 1.1 x 10 and 4.4 x 10 

3 

cm /(sec * g) . 

If the second catalyst does represent intrinsic 
kinetics the relative activities of the two catalyst loads 
points to a very much different pore structure or 
catalytically active metal distribution. In this 
regard it should be mentioned the catalyst preparation 
procedures used in loads 1 and 2 differed in one 
significant area. When the second catalyst was charged 
into the reactor the exhaust from an oxygen gas torch 
used to seal the catalyst into the reacter loop caused 
the catalyst to turn jet black. This did not occur with 
the first catalyst load. Subsequent oxygen treatment 
'^20 hrs, in air at 400®C resulted in removal of the 
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sooty outside appearance of the pellets. 

Some comparison can be made between the hydrogen sulfide 
poisoning at both catalyst loads. (1) The recovery of 
the rate coefficients after hydrogen sulfide injection 
is inversely proportional to the sulfur dioxide pressure. 

(2) Restoration of some activity after high temperature 
outgassing. (3) Some surface area loss with poisoning 
(4) Large injection of hydrogen sulfide caused some 
regeneration. The interpretation of this last point is 
that the transitory heating of the catalyst by the highly 
exothermic combustion of hydrogen sulfide combined with 
the water vapor created by combustion in effect steamed 
off catalytic poisons. Steam injection is a well known 
procedure used to regenerate reforming catalysts. 

3. Comparison of Hydrogen Sulfide Poisoning Observed in 
This Work with Other Work in this Laboratory (2) 

In comparison* with other work done in this laboratory 
(2) this catalyst preparation at the temperature 256°C 


*This comparison is only meant to be a qualitative one 
since an integral bed poisoned by a continuous poison 
input is expected to exhibit much different poisoning 
phenomena from a catalyst in an equivalent CPSTR poisoned 
by high transients of poison concentration. It would be 
expected though that for the same dosing the CFSTR would 
exhibit larger activity losses since the catalyst pellets 
are unifoinnly accessible and much higher poison 
concentrations' are used. For instance a 10.2 ymole 
hydrogen sulfide injection should result in an immediate 
concentration spike in the reactor of 466 ppm. 


is very much less susceptible to hydrogen sulfide 
poisoning than the catalyst Rabb used at njlVS^C. Rabb 
reported, using a catalyst already partially deactivated 
from ethyl mercaptan poisoning that a loss of 53% of the 
catalyst activity occurred at 175 °C with '^*36. 7 (umoles 
H 2 S/gram catalyst) and that this loss was irreversible with 
respect to high temperature oxidation treatments. 

However at the temperature used on the first catalyst 
load in this work, 256"C, it took more than 180 (umoles 
H 2 S/gram catalyst) to reach a plateau of 51% loss of the 
initial activity; this loss was irreversible with respect 
to outgassing at 380 °C. 

One last point is worth mentioning with respect to 
hydrogen sulfide poisoning of the catalyst. Although 
significant irreversible activity losses occurred the 
catalyst does retain a substantial amount of the initial 
activity and only the pre-exponentials are affected. 

Hence for noble metals assuming an effective E, range for 
hydrocarbons of those seen in this work, 'v 14-27 kcal/mole 
at 250°C a loss of 50% activity can be recovered by 
increasing the temperature of the active bed by a, 10-20®C. 


4. Comparison of Freon and Hydrogen Sulfide Poisoning of 
the First Catalyst Iioad a 

A complete report of Freon* poisoning of the first 
catalyst load, which is discussed below, appears in 
Appendix 7. 

Poisoning of ethane oxidation was investigated on the 
first catalyst load at ‘1 j 256°C by hydrogen sulfide and to 
a smaller extent by Freon compounds at '^'247“C. In both 
cases the observed decrease in the first order rate 
coefficient with the amount of poison injected was 
nonlinear and asymptotic. Freon poisoning was much more 
severe than hydrogen sulfide poisoning. For instance at 
247®C, residence time 10.3 minutes, more than 95% of the 
catalytic activity of the first catalyst load, 1.1 grams, 
was lost after ''*200 ymoles of Genetron 142-B was 
injected whereas at '^256°C and residence times of 2.5-5. 0 
minutes, the maximum activity loss from hydrogen sulfide 
injection amounted to 65% at *>^300 ymoles**. 


*By Freons it is meant halogenated refrigerants. Two were 
used in this work: Freon 22 and its C^ methylated 

analogue, Gentron 142-B. 

**The conditions under which these poisoning experiments 
were done are not the same, the temperatures varied by 
'\^10®C and the residence times were substantially 
different. However the comparison is a fair one since 
the difference in the poisoning temperatures is small and 
the severity of the poison dosing is not strongly 
dependent on the residence time. The injected poisons 
were removed from the gas phase very rapidly, within a 
few minutes, thus the true residence time of the 
unoxidized poison is dependent upon its chemical structure 
and to a much lesser extent upon the residence time based 
on the volumetric flowrate purging the reactor. 


In comparision the Freon injections and hydrogen 
sulfide injections resulted in, qualitatively, much the 
same transient decay and slow recovery of the oxidation 
rate coefficient with time. In the case of hydrogen 
sulfide there was evidence that strong retention of the 
oxidation product SO 2 resulted in reversible poisoning. 

The halogenic acids that are produced in Freon oxidation 
could not be detected with the analytical train used in 
this work. However, a reasonable inference from the slow 
recoveiry of the rate coefficients after the poison 
injections is that the poisoning of the catalyst is 
dependent no only on the nature of the injected poison but 
upon the catalyst's retention of oxidation products 
resulting from combustion of the poison. Thus the time 
dependent recovery after a poison injection may be 
attributed to slow outgassing at the reaction temperature. 

There are two noteworthy differences between hydrogen 
sulfide poisoning and Freon poisoning. (1) Freon poisoning 
is reversible* by oxidation treatments at 380“C whereas 
poisoning by hydrogen sulfide is only partially reversible. 
(2) As previously mentioned, Freon poisoning is much more 
severe than hydrogen sulfide poisoning. 

The explanation is that Freons are much more stable 
compounds than hydrogen sulfide and thus have much more 

*Reversible poisoning by halogenated hydrocarbons of 
methane oxidation on Pd has previously been reported, see 
reference 7, C.F. Cullis, et al. , in J. Cat. 


accessibility to the unpoisoned part of the catalyst. In 
contrast, hydrogen sulfide is very unstable, it is oxidized 
in air and by y -2^l2*^3 t>efore it can reach the unpoisoned 
surface. However the sulfur species once formed on the Pd 
surface is not as easily removed as the residue deposited 
by Preons . 
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Appendix 1. 

Tracer Experiments 

To investigate the mixing phenomena and measure the 
effective volume of the recycle loop tracer experiments 
using helium and air at room temperature and pressure were 
performed. The gas mixtures were analyzed by taking a 
small bleed off the recycle loop effluent and putting it 
through a calibrated thermal conductivity cell. The cell 
was calibrated at the bleed flowrate for each run. Care 
was taken to minimize the amount of tubing which transported 
the loop effluent to the cell and since the cell has a sma31 
internal volume any segregated flow in the small amount of 
tubing in the effluent and T.C. cell is not thought to 
have affected the concentrations in the effluent. 

The experimental procedure involved introducing a 
flow of helium into the air filled recycle loop with the 
catalyst bed bypass valve open. In a well stirred vessel 
the logarithm of the volumetric fraction of air left in 
the recycle loop should be directly proportional to the 
amount of time after the helium was introduced. 

The results of five runs at variot' volumetric 
flowrates are represented in figure 21, The equation 
plotted is 

_1 

-In (fraction air) = (residence time) (time) 

knowing the volumetric flowrate the effective volume 

of the recycle loop can be calculated from the slope of the 


-In (volumetric fraction of air) . 

Figure 21 Tracer experiments. At t=o a flow of helium 
was introduced into the air filled recycle 
loop with catalyst bed bypass valve open. 

Slopes of the lines drawn should be equal to 
inverse residence time. The calculated recycle 

loop volume, (cm^ volume trie flow, (cm^/min) are: 

0 38.1/619, 0 253.6/633, A 361.4/630, □ 1019/782 

0 2035/926. 




-In [ ] v.s. time line^ volume = volumetric flowrate 

3 

slope. The runs at 253.6 and 361.4 cm /min, were 
reproducible,' no attempt was made to reproduce the 
other runs. 

The calculated effective recycle loop volume was 

3 

~ 630 cm , nonlinearities and deviations of the 
calculated recycle loop volume at high flowrates, 1019 and 

3 

2035 cm /min., are attributable to imperfect mixing. 

When compared with the calculated helium breakthrough 
assuming a reactor loop volume of that seen in the tracer 
experiments with flowrates of 3B.1 to 361.4 cm /min., the 
experimental breakthrough at high flowrates was much too 
slow. 

This phenomena is what one might expect since 
increasing the flow feeding the recycle loop at constant 
pumping rate should result in a smaller recirculation 
ratio and increasingly less active flow regions in the 
loop. Presumably it is the slow mixing of the incoming 
gas with the less active regions that results in the 
phenomena exhibited at high flowrates. 

The effect of restricting the flow bypassing the 
catalyst bed by closing the bypass valve was not 
investigated . 


Appendix 2 » 

Thermal Conductivity Cell Response 

Concentrations in binary gas mixtures were measured 
in the surface area determinations and tracer experiments by 
a thermal conductivity cell. The cell used was a hotwire* 
type with a small internal volume (250 y 1), Gow Mac model 
10-301. The cell and bridge completion resistors were 
insulated with a thick layer of glass wool thus cell 
temperature was determined by the heating of the cell 
housing and insulation by the filaments. Ceil amperages 
of 100 mA for Air-He^ N 2 ~He and N 2 “H 2 mixtures and 200 rtiA 
for CO-He mixtures were used. 

The cell was calibrated by injecting sample loops of a 
known concentration into the constant flow feeding one side 
of the cell with the other side (reference filament) of the 
cell at constant concentration and flowrate, thus a square 
wave cell output was obtained. It was found that the cell 
output and linearity at a constant amperage and reference 
cell flow both increased as the cell flow was decreased. 

3 

As recommended by Gow Mac flows of 5-15 cm /min. were used, 

3 

generally '^'6 cm /min. 


*^his cell was originally equipped with dual helix 
rhenium-tungsten filaments (Gow Mac #W2x) . These 

filaments were inadvertantly exposed to air at high 
amperage and burnt out. They were replaced with single 
helix rhenium- tungsten filaments (Gow Max #Wx) . Although 
the Wx filaments were less sensitive they gave a suffici- 
ently high output and the calibrations in figs, 22 and 23 
are for the Wx filaments . 


Two typical cell calibrations for binary gas mixtures, 
cell output (mV) vs volumetric fraction of one component, 
are presented in figures 22 and 23. Plotted in figure 22 is 
a calibration for air-He mixtures used for a tracer 
experiment. The range of concentrations used in this 
calibration was 0-100% air, the overall non-linear cell 
response is typical of thermal conductivity detectors. 
However, as shown in figure 23, a calibration for He-CO 
mixtures over a small range ( 0-10 volumetric fraction 

CO), the cell output is effectively linear. 


Volumetric fraction air x 10 

(waii*c :mi It 1 u mi .e. : 

Figure 22 Thermal conductivity cell calibration for 

air-He mixtures. Cell amperage 100 mA; cell 

3 

flow rate 6 cm /min. 







2 

• i = I 


yolymetric. fraction CO.„x 10 


Figure 23 Thermal conductivity cell calibration for 

CO H'^.nji^ture^, Cell amperage 200 mA; celil 

3 *■ « • 

flow rate 6 cm /rain, two calibratxons are 

represented. The first^O, was done when new 

filaments were installed; another calibration 

□ , 4 months later showed no deterioration in 

cell performance. 
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Appendix 

Flame photometric detector response 

Concentrations of snlfurous gases were detected by a 
Tracor, FPD, flame photometric detector, model 274010-00. 
The operating conditions used in this work were those 
recommended by Rabb* and a detailed description of these 
conditions are given in his thesis (2) . 

The operating principal of this detector is that the 
photoemission of sulfur species in a hydrogen flame is 
proportional to their concentration. Reported calibrations 
by Varian Instruments** for the FPD used in this work are 
that the detector output, I, which is directly proportional 
to the photoemission, depends on the concentration to 
some small power, nj I where n is generally about 

2 and ranges from 1.8-2. 2. Stevens (13) using a similar 
FPD has reported powers of 1.939 for hydrogen sulfide and 
1.950 for sulfur dioxide and virtually the same detector 
sensitivity for both compounds . The concentration region 
V7here this power function holds is reported to be 
'''10 ppb-lOppm. Around 1-lQ ppm the instrument output is 


*Since both hydrogen sulfide and sulfur dioxide were 
simultaneously being detected, the low column 
temperature, 80"C, recommended for hydrogen sulfide 
was used. 

**Personal communication with workers at Varian Instruments, 
Sunnyvale and Walnut Creek, California, 1975. 
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attenuated and begins to continously decrease beyond 
20-30 ppm. Stevens (13) has reported this saturation 
phenomenon begins at 2 ppm. 

The reason most widely offered for the detector response 
characteristics is that the detector measures the 
luminescence of an species in the hydrogen flame , hence 
one would expect the S 2 concentration and therefore the 
detector output to be proportional to the square of the 
sulfur concentration. The reported discrepancies, powers 
other than 2 , are attributed to imperfect mixing in the 
flame combustion chamber. The attenuated detector output 
at high concentrations is much less effectively explained. 

The reasons offered, however, involve photo-molecular 
interaction and not the saturation of the photomultiplier 
tube or electrometer. 

In an effort to investigate the concentration dependence 
of the FPD used in this work a small flow of hydrogen sulfide 
gas was diluted in two stages with high flows of helium. 

The resulting FPD calibration is shown in figure 24. Plotted 
in figure 24 is the log^Q coordinates of the detector output 
vs the hydrogen sulfide concentration as calculated from 
the tv 70 stage dilution of hydrogen sulfide gas. A line with 
a slope of 2 fits the data from 'u 0-14 ppm, beyond 14 ppm 
the plot is non-linear. 


log, u (peak area) , at 10 



■ 1°9jlo PP^ 

[ Hydrogen sulfide calibration of flame 

photometric dectector. The iog^^Q coordinates 

of peak area (at an electrometer . setting of 

10**- amps) J.S plotted vs. concentration. 



This saturation point <^14 ppiti is at a somewhat larger 


concentration than that reported by VariaUf I-IO ppm. 

However, the different FPD operating conditions used in , 

this work would be esfpected to extend the concentration 

limit where I “ The used in this work should 

result in a flame 3.2 times larger than the 

recommended by Varian and dilution of the H2~02 flows by 

inert gases in this work was a factor of 3 larger than the 

dilution by the flows recommended by Varian. 1 

■■ ! 

A good deal of time was expended in preliminary efforts 
to calibrate the FPD with premixed ppm of hydrogen sulfide and 

sulfur dioxide in nitrogen. These gases were mixed and analyzed | 

■ • 1 
}. 

by Matheson Gas and stored in steel tanks . Based on calibra- 
tions in figure 24 this analysis was inaccurate at the time , 

• • I 

the gas mixtures were used in this work. 

Calibrations using the gases in these tanks, assuming ' 

the same detector sensitivity for hydrogen sulfide and 

: ^ 

sulfur dioxide are presented in figure 25. Plotted in 
figure 25 are the coordinates of the detector output 

and the corresponding sulfur concentrations. For both | 

gases the calibration shows that the detector output depends 
on the square of the sulfur concentration. 

It should be mentioned that the calibrations plotted 
in figtire 25 were complicated by severe losses of the sulfur 
compounds in the stainless steel tubing transporting the 

. j 

" ■ • ^ 3 

: ■ 1 

^ ■ ; 


log^Q (concentration) , PPiti 

Flame photometric detector calibrati^. .. 
Sulfur dioxide □ ; hydrogen sulfxde O . 
The 'log, n coordinates of peak area (at an 
lU -7 . . 

electrometer setting of 10 amps) is 
Dlotted vs. concentration. 






sulfiirous gas flows.* It was found, however, that the 
removal of sulfur compounds followed approximately first 
order kinetics (see Appendix 6) . Accordingly, the 
interrelation of the concentration reaching the detector, 

C, the tank concentration, C^, and the volumetric 
flowrate, f, is ln(C^/C) “ 1/f, hence, C^/C -^1.0 as 
f*^ ® and at a constant f the ratio C-^/C is constant. 

With this in mind, the procedure adopted for calibrating 
the detector was to mix flows of sulfurous gases ivith 
inert gas streams and maintain a constant high flowrate 
through the tubing transporting the sulfurous gas mixtures. 
This is predicted to result in a small and constant 
percentage error in the calculated amoi’nt of sulfur 
reaching the detector based on dilution of the sulfur 
containing gases. 


*This effect was minimized in the reactor effluent tubing 
since most of that txibing was made of teflon. 




The symbols and relations used in the calculations 
below are defined here. 
yitibols 

N = number of moles 
X = mole fraction 
T = temperature, °K 

3 

V = volume of recycle loop, cm 
P = total pressure, atm 
p = partial pressure, atm 

3 

C = concentration, moles/cm 

3 

f = voliametric flowrate, cm /sec. 
t = time, sec. 

R = gas constant, (atm cm )/(mole °K) 

k = experimentally observed first order rate coefficient 
cm^/sec . 

s = catalyst surface area, cm^ 
w = catalyst weight, grams 
Subscripts 

e = recycle loop effluent 
f = recycle loop feed 
r = reactor 
rl = reactor loop 
OK = oxidation 


cr = cracking 
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Superscripts 

eth = ethane 

meth = methane 

Relations Assumed 

Ic = k -w = k *S 
W B 

PV = NRT 


Pi - PX. 

The conservation equations for ethane and methane 


in the reactor recycle loop are: 

(1) as®? th 


(rate of cracking) 


( 2 ) 

5t 


~(fC™®^^)g + 2 (rate of cracking) 


Equation (2) above assumes no methane feed, stoichometric 
cracking and negligible methane oxidation; rate of cracking = 

1/2 rate of methane production. Using the following 
relations the rate coefficient in equation (1) can be solved for 

1 

(rate of cracking) = ^ 


, ^eth 

^rl , ffr^eth. 

dt irc 


= Pf = = Pri; 


^i 


PX. PVX. 

X . „ _ X 

RT. ' "i RT. 

X 1 


1 


Prom a mole balance since AN-o in the reactor loop (ppm of 
reactant) 
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(5.) = (^.) 


k = (i) \ 

■^ox 


„eth „eth l^eth 
^e . 2 e 


X 


eth 



1 


S _i_ 1 ® 



^rlj 


dt 2 dt 



X 


.eth 


Under conditions approximating steady state the second term 
drops out. 

Similaiarly an ethane cracking rate coefficient can 
be calculated. For assumed first order ethane cracking,* 
no methane feed, where the rate of cracking in equation (2) 


■'or 


VT dJ5^®^ ^ T 

V = £ e + f±.1 ^ ® 

cr T dt f 


j^meth 


rl 


2x 


eth 


The rate coefficients, k and k , represent the 

O A O jT 

relative ethane disappearance rates for oxidation and 
cracking. It can easily be shown that their sum (k + 


*Log plots of -hhe rate of methane production vs ethane 
concentration have shown this to be a good approximation. 


is equivalent to the overall first order rate coefficient 
for disappearance of ethane. 

Experimentally the quantities and are 

directly proportional to the area of their PID gas 
chromatograph peaks. For the same peak area/ » 

X / since the PID dectector is linear with carbon nxamber 
when detecting low carbon number parrafins. (12) 

Equations for Non-Steady State Reaction Order Rims 

The experimental procedure involved introducing a 
large ethane concentration into the reactor loop by 
injecting a known amount of ethane into a constant air flow 
feeding the recycle loop. Since thc.se injections were 

3 

small in volume (~ 0,49-1,1 cm ) and the volumetric flowrates 

3 

were large (~ 0.81-2.1 cm /sec) all injection volumes were 
introduced into the reactor in ~1.1 sec or less. The short 
injection times and the instaneous mixing in the reactor 
should yield an initial ethane mole fraction in the 
reactor loop given by 

X — f— ) * 

'T' injection reactor loop 

An estimate of the effective temperature in the reactor 
loop 70®C for the temperature range used in the reactor 
was obtained from the volume averaged surface temperatures 
of the reactor loop. 

It will be shown that the analysis of the data 
assuming half and second order kinetics requires that the 
steady reaction rate be known at the conditions of the 
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reaction order run. However the kinetic analysis of the 
reaction order for the disappearance of ethane is 
simplified if there is no constant ethane feed to the reactor. 
The conservation equation governing this system is 


1 n 

this equation C^C and the 

rate coefficient k is the overall disappearance coefficient, 
{k^„ + k^„) . Using the relations and substitutions mentioned 
in the beginning of this appendix the solutions to the 
conservation equation for n = 1, 2 in the form 

y = mx + b where X = X and f = (f)^ are: 


n = 1 

In X„ = 
e 


kT. T , f 

^e,i 


1 

^ 2 


In 


kT, 


1/2 ^"f , R .1/2 

^ f” 

r 


. T -f 
'"2 


kT, 


. in 

' r 


n = 2 


1 kPT^. 

In [| + 1] 

fRT“ 


T ^f 
[ -It 


In [i 


kPT. 


e , i f RT' 
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the dimensionless constant containing the rate coefficient 
that makes up part of the arguement of the logarithm in 
the half and second order solutions is a function of the 
steady state inlet and outlet of the reactor loop ethane 
mole fraction at the same flowrate and reaction temperature 
of the non- steady state reaction order run. 

The ^ order dimensionless constant 


^^f, R .l/2_,^f ^e. 

f ^T ^ vV?' 

^ ^e 


steady state 


the 2nd order dimensionless constant 


kPT^ X^-X 

= (-^) 

fRT^ X^ 


steady state 


Although the 1st order dimensionless constant is not 
needed in the reaction order analysis since it does not 
appear in the argument of the logrithm^. it also follows 
the general pattern 


k T- X.-X^ 

^f T^^ ^ X^ 

.iL w 


steady state 


The dimensionless constants in the above solutions 
to the conservation equation are a measure of the ratio of 
ethane removal by reaction to ethane removal by volumetric 
displacement. 

An inspection of the above solutions shows that as 
the dimensionless constant approaches zero the solutions 




for all cases converge to the solution for the mole 
fraction decay in a well stirred vessel. Thus the data 
will fit any assumed reaction order if the constant is 
small , 

As shown in figure seven the data fits the first 
order analysis very well however, the rate coefficients 
computed from the slope of lines are always significantly 
smaller than those computed from the steady state reaction 
measurements . 

Plots of all three sets of data assuming half and 
second order kinetics are non-linear and non-linear plots 
are still obtained if the half and second order rate 
coefficients are decreased or increased by a factor of the 
ratio of the observed first order rate coefficients 
computed from non-steady state and steady state data. 

An example is given in figure 26. Plotted in figure 26 
are the half and second order assumptions in the form 
y = mx + b where y s ln[ ] and x = time. Non-linear 
plots are obtained in all cases. 


U 

0 ) o 

fd -H 
U +i 
■O-ft- 




20 30 

.Time, minutes 


Figur.e...26.....1^pnsteady state reaction order run., 

second catalyst load. Reaction temper- 
ature, 260. 9°C, residence time/ 11.0 . 
'minutes. "Half and second order 
assumptions are plotted in the form - 

Y-= mx+b where y = In [ ]/ x= t. 

Annotations in the. plot refer to the , 

factor by which the n^ order rate - --- 
coefficients have been multiplied. 

First order assumption is plotted in 
figure seven . 

( 


order 



Using a feed of 21 ppm ethane in air at 200 °C 
strong adsorption and retention of ethane by the first 
catalyst load, 1.1 grains, was observed. Ethane 
adsorption is represented in two breakthrough curves 
figures 27 and 28, Time in hours is plotted against 
reactor effluent concentration in ppm. 

Neither set of data was taken with the intention 
of quantitatively measuring ethane adsorption; flowrates 
were briefly varied on each run and the temperature was 
varied on the first run, figure 27. The assumptions 
used to back calculate the amount of ethane adsorbed 
when the flowrate rate and catalyst ten^jerature were 
varied during these runs are included at the end of this 
appendix. Figure 27 represents the adsorption after 
the initial catalyst pre treatment. After a steady state 
was reached the catalyst was oxidized and reduced again 
and subsequently a second breakthrough curve was 
recorded, figure 28. The breakthroughs are described 
below. First adsorption breakthrough, figure 27, took 

88 hours to reach a steady state using an average 

^10 

molar feedrate per gram of catalyst of 1.12 x 10 
moles/ (sec* g) . The adsorbed ethane aiiiounted to 3.93 
moles/gram and concurrently 1.14 moles/gram of catalyst 
of ethane was cracked and not adsorbed during the 
adsorption period. Second adsorption breakthrough. 




Fiaure 27 ‘ First ethane breakthrough on the .first_ 

ca%aiysil:’ f6aa/‘"l.l grams. Methane ^ r ' 

ethane. O The upper solid line, is the 

calculated concentration of ethane fed 
to the reactor which was not oxidized*. 
The integrated area between the two solid 
lines, weighted by the concurrent flow 
rate, minus 1/2 the amount cracked is the 
amoxint adsorbed. The results were: 3.93 

la moles/gram ethane adsorbed and 1.14 
cracked . 




Hydrocarbon cone- 


ethane feed leveilNy 


^-methane-feed- -level 


Time, hrs, 


Second,., ethane .breakthrough on the first •* 
catalyst load , 1.1 grams . Methane A ; 
ethane O . The upper solid line is the 
calculated concentration of ethane fed 
to the reactor which was not oxidized. 

The integrated area between the two solid 
lines, weighted by the concurrent flow 
rate, is the amount adsorbed? a negligible 
amount of cracking was observed. The 
adsorbed ethane amounted to 12.20 u moles/gram 
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figure 28 , took ~ 33 hours to reach a steady state using 
an average molar feed rate per gram of 7.75 x 10 
moles/ (sec* g) . The adsorbed ethane amounted to 12.20 
/imoles/gram and a negligible amount of cracking was 
observed. The differences in the amount adsorbed between 
these two runs, 3.93 ^traoles on the 1st breakthrough and 
12.20 itmoles on the 2 nd breakthrough, may be attributable 
to the greater amount of ethane oxidation in the first 
adsorption run which would result in larger HgO and CO 2 
pressures. The catalyst base is known to strongly adsorb 
these gases at 200“C and the oxidation of one ethane 
molecule results in production of five other adsorbable 
molecules, + 7/2 O 2 - 2 CO 2 + 3 H 2 O. The time dependent 

adsorption phenomena is similiar to that seen by Rabb ( 2 ) 
whose used an integral bed. He used an ethane feed level 
of 20 ppm and a temperature below the ethane conversion 
temperature for the flowrate used, <180“C. He obtained 
7.1 /[imoles/gram of ethane adsorbed using a molar feed rate 
per gram of 4.99 x 10 moles/ (sec *g) . A C-shaped 
breakthrough curve was observed in which the curve 
asymtotically approached a slightly sloping plateau 
after ~ 6 hours. An adsorption time of 6 hours resulted 
in ~84% saturation and 28 hours was required for a 
complete breakthrough. 

This qualitatively compares with the second adsorption 
breakthrough recorded in this work figure 28. Here a 68 % 
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breakthrough was obtained in 6 hours using an average 
molar feed rate per gram of 6.16 x lO"^*^ moles/ (sec g) 
and a complete breakthrough was obtained in hours 

using an overall average molar feed rate per gram of 
7,75 X 10 moles/(sec g) . 

After the second adsorption breakthrough the 
air-ethane mixture was purged out and the catalyst was 

3 

heated in flowing He (60 cm /min,) to ~385°C, The 
ethane desorption is represented in figure 29 where the 
ethane desorption rate in (moles/sec) and the reactor 
temperature in °C is plotted against time in minutes. 

At 18.3 minutes the recycle pump was turned off and at 
29.3 minutes the catalyst bed bypass valve vras closed. 

The ethane wash out is represented by the dotted line 
with a negative slope near zero time. The desorption 
maximum occurs at about 310 °C and the total amount of 
ethane desorbed was 0.41 jumoles/gram. This is 3.4% of 
the amount adsorbed. 

It should be mentioned that the ethane adr,orbtion 

seen in this and in Rabb's work (2), 3,93-12.20 |umoles/gram, 

correspond to small coverages. The catalyst surface area 

2 15 

in both works was 120m /g and assuming 10 (surface 
2 

sites/cm ) with a coordination # of 8 (surface sites/ethane 
molecule) , the value of 12.2 /tmoles/gram translates to ~5% 
of a monolayer. 

In the above adsorption calculations it is assumed 
no appreciable change in the rate coefficient occurred 



iruJi . I u * . r ^ 

Figure 29 Temperature programmed ethane desorption. 

Ethane concentration O ; bed temperature 
A . After the second breakthrough was 
recorded ^ figure 28, the air was purged 
out and the catalyst temperature was 
raised to 385°C in flowing helium. . The 
desorbed ethane amounted to 0.41ij , moles/ 
gram. ' 





durxng the breakthrough. The amount of ethane 
oxidized is then back calculated knowing the rate 
coefficient at the end of the run where the adsorption 
is saturated using steady state first order kinetics 
with an of 27 kcal/mole. This amount is subtracted 
from the inlet ppm (21 ppm) to extrapolate back the 
steady state ppm concentration not oxidized. The area 
between the ethane effluent ppm and the ppm not oxidized 
minus one-half the area of the methane production is then 


the amount of ethane adsorbed. 
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Hydrogen Sulfide Oxidation and Removal by the Apparatus 
Low Level Hydrogen Sulfide Oxidation 
Catalyst poisoning is easiest to monitor and control 
using a low level continous input of catalytic poison. 
However, due to the reported ease of hydrogen sulfide 
oxidation (16) it was felt that the ability of the apparatus 
itself to oxidize hydrogen sulfide should be investigated 
as a preliminalry step, 

■ The catalyst was removed, the quartz packing was left 
in place. A flow of 0.86 ppm hydrogen sulfide was directed 
into the recycle loop at a residence time of 2.56 minutes 
and the temperature was raised. Although a breakthrough 
was never attained at low temperature this was not deemed 
necessary to investigate the qualative oxidative removal 
of hydrogen sulfide. The results are shown in figure 30. 

All the hydrogen sulfide is being removed or oxidized at 
~ 140°C. 

Low Level Hydrogen Sulfide Removal by Reactor Feed 
Tubing 

In an attempt to calibrate the sulfur detector it was 
found that the concentration of hydrogen Sulfide detectable 
varied with flowrate through the feed tubing. A 
representation of the concentration dependence on the 
flowrate is shown in figure 31, Irreversible removal of 
hydrogen sulfide at the ppm level by stainless steel tubing 


Cdnqentratiori/ ppm sulfur 



Figure 30 Hydrogen sulfide oxidation and removal 
_ in -the reactor with no catalyst. • 

~ . ’ Residence time/ 2.56 minutes / feed' 

2 -■ ■- _3 

. '■ pressures 10 torr oxy gen and 10 

torr hydrogen suifide/ .0, 86 ppm. Hydrogen 
sulfide O J sulfur dioxide □ . 


JlloHrjafce/ .cm 


li 

Figure ^jjlfide remqyal.in reactor 

feed tubing. Inlet concentration 
'^*2.3 ppm. 
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has previously heen reported, (13) Since this ‘bhe removal 

probably involves strong adsorption of hydrogen sulfide one 

might expect the process to be first order. When the 

concentration detectable vs flowrate data of figure 30 

„1 

is plotted ln(conc.) vs flowrate r (fig. 32), a fairly 
linear plot is obtained, indicating first order removal of 
hydrogen sulfide. The non-linearity is attributable to 
dispersed rather than plug flow in the small tubing. The 
calculated Reynolds number* for the flowrates used indicates 
the flow is in the laminar regime. 


*see page 47, ref. 9 


Y 



T™ 





X/f X lo min. /cm 


Figure 32 First order plot of hydrogen sulfide 
r^oyal in reactor feed tubing. Data 
of figure 31 is plotted. 





Appendix 7. 


Poisoning of the ethane oxidation reaction by halogenated 
hydrocarbons . 

After the initial kinetic experiments on the first 
catalyst load and before the hydrogen sulfide poisoning of 
the catalyst the poisoning by halogenated hydrocarbons was 
studied. Two chemically similar refrigerants were used^ 
Freon 22 (HCCIP 2 ) and Gentron 142-B {CH 2 CCIF 2 ) . Freon 22 
was chosen because its basic halogenated carbon structure 
-CCIF 2 reoccurs in many C 2 refrigerants, among them Gentron 
142-B and the Freons 113, 114 and 115. 

The catalyst surface area was not measured in these 
experiments hence the reported rate coefficients are based 
on catalyst weight and are given in units of cm /(sec*g) . 

Some of the gas chromatograph column temperatures used 
in the studies detailed below did not allow separation of 
methane and ethane*. The reported first order rate 
coefficient under these conditions is based upon the first 
order disappearance of total hydrocarbons. This rate 
coefficient is roughly 80% of the oxidation rate coefficient 

*High 6.C. column temperatures were used for two reasons: 

(1) high temperatures were needed to elute Gentron 142-B 
from the Poropak Q column? (2) an intermittent problem with 
the gas chromatograph was that the FID electrometer’s 
floating output was too far down scale of the recorder zero 
increasing the column temperature and thus increasing the 
background gases in the FID by crlumn outgassing brought 
the FID output within the recorder zero. 


Before the catalyst was poisoned the oxidation rate 

coefficients were measured over a small temperature range. 

This data is represented in figure 33 where the rate 

coefficients, represented by circles, are plotted in an 

Arrhenius plot along with rate coefficients (triangles) 

measured after the catalyst was poisoned with Freon 22 and 

Gentron 142-B. The slope of the line drawn through the rate 

coefficients measured before the poisoning corresponds to 

24 kcal/mole. Extrapolating the rate coefficient at 245, 7*0 

on this run, using 27 kcal/mole as an effective E^ yields a 

11 3 

pre-exponential of 4.1 x 10 cm /(sec*g). 

As with the hydrogen sulfide poisoning experiments , 

Freon 22 and Gentron 142-B were introduced into the reactor 
by injecting small sample loops of known concentration into 
the gas flow feeding the recycle loop. The general procedure 
used to poison the catalyst v?as to use series of small poison 
injections, each at the same residence time, to incrementally 
decrease the catalytic activity. After each series the 
catalyst was left at the reactor operating conditions until 
the next series. After the effects of each poison were 
investigated the catalyst was oxidized in air at 380“C for 
~ 8 hours. 

Poisoning of ethane oxidation by Freon 22 . 

Catalyst poisoning was first investigated using Freon 
22. The overall poisoning of the catalyst by Freon 22 is 





Figure'! 33' taken- hii-; the first 
':.,L.'l' ana''aEter!';the^'catal^ 

,!i; ' t.__ "] ^ %asT'pQ£sd iiea ! hai'b geiiStea hyaf oc^tbohs v 

Data taken before poisoning O r'data taken 
after poisoning A • TJie slopes of the 
; kcfil/mole for . the 

data taken before poisoning and -21 kcal/mole 
• for the • data taken after poisoning; 

Assxming 27 kcal/mole as an effective E_ 

for. the data taken before poisoning the 
calculated pre-exponential extrapolated from 

data at 245. 7°C is 4.1 x lO^^t cm^/(sec*g) . 
Using the same assumption at ^51. 7 “C for 
.the data taken after poisoning yeilds a 

pre-exponential of 1.7 x 10 i cm /(sec»g) . 










represented in figure 34. Plotted in figure 34 are the 
first order rate coefficients for cracking and oxidation of 
ethane evaluated at 247'*Cvs the amount of Preon 22 injected. 
Two sequences of poison injections are represented. 

The noteworthy featxires of this plot are: (1) The 

decrease in the oxidation rate coefficient with the amount 
of Preon 22 injected is nonlinear and assymptotic. (2) There 
is some very slow recovery of the oxidation rate coefficient 
long after the poison injection. This point is illustrated 
on figure 34 by the difference between the ending value of 
the rate coefficient of one injection series and the much 
larger value at the beginning of the next injection series / 
an appreciable amount of time having elapsed between the 
two sequential series of poison injections. Specifically 
on figure 34 at 18,4 ymoles, 17.9 hours after the last 
injection the rate coefficient increased from 0.81 to 1.3 
cm /(sec*g). Again 11.4 hours after the second poisoning 
series, at 32 ymoles (fig. 34) the rate coefficient recovered 
from 0.70 to 0.83 cm /(sec*g) . (3) After catalyst oxidation 

treatment in air at 380 °C the catalyst activity increased. 

The exact amount of increase is not known because the rate 
coefficient after the oxidation treatment is based on total 
hydrocarbon conversion but the oxidation rate coefficient is 
estimated to have at least increased to 1.56 cm /(sec*g) 
over the previously mentioned value of 0.83 meas\ared 11,4 
hours after the last Preon 22 injection. 
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Figure 34 Freon 22 poisoning of the first catalyst. 

load. First order rate coefficient at 247 °C 
for oxidation (circles) and cracking 
(triangles) of ethane are plotted^ , Two Freon 
22 injection series are represented, residence 
time was -10,71 minutes, temperature range was 
243, 8-250 . 8°C. First series, open symbols, 

5 injections, ‘ 0-18.4 p moles- Second series, 
half shaded symbols, 1 injection, 18.4-32.0 
p moles. Completely shaded symbols at 32.0 
p moles represent data taken long after 
(11.4 hr.) the last Freon 22 injection.. 

After the catalyst temperature was raised to 
380 °C for 8 hr. the first order rate 
coefficient based on conversion of total_. 
hydrocarbons (asterick on plot) was measured. 
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The immediate response to a Freon 22 injection is 
illustrated in figure 35 » Plotted in figure 35 are the 
ethane and methane concentrations vs the amount of time after 
the Freon 22 injection. This injection corresponds to 18.4- 
32.0 pmoles of Freon 22 injected, figure 34. The noteworthy 
features of this plot were that no Freon 22 was detectable 
after about 6 minutes (see figure 35 caption) and the 
reactor ethane concentration stabilized in roughly 50 
minutes or after about 5 residence times. 


Poisoning of ethane oxidation by Gentron 142-B . 

After the Freon 22 poisoning and after the catalyst was 
oxidized in air at 380 °C for ~ 8 hours the poisoning by 
Gentron 142-B was investigated. The overall poisoning of 
the catalyst by Gentron 142-B is represented in figure 36. 
Plotted in figure 36 are the rate coefficients computed from 
the total hydrocarbon conversion vs the amount of Gentron 
142-B injected. Where the me thane -ethane gas chromatograph 
peaks could be resolved the ethane oxidation and cracking 
coefficients are also plotted. 

Three series of injections are represented. The same 
general features are evident in this figure as in figure 34 


representing the Freon 22 poisoning. The poisoning is 
nonlinear and assymptotic. There is some slow recovery of 
the rate coefficient long after the poison injection. This 
point is illustrated by the difference between the last 
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Gentron 142B poisoning of the first- 
catalyst “load. First -order rate 
coefficient^, at 247°C/ based on total 
hydrocarbon conversion (squares) are 
plotted. First order rate coefficients 
for oxidation (circles) and crackiftg 
(triangles) of ethane are also plotted 
when -the G.C. operating conditions'! 
allowed separation of methane and ethane 
peaks. Residence time was 10.22 + ^.09 
minutes, temperature range was 240.'-0-249.9.°C. 
Three injection series are represented. 

First series, 1 injection, 0-14. 4 moles . 
Second series, 2 ‘injections , 64 .2 y.. moles each, 
14.4-142.8 y moles. Third series, 4 injections 
64.2 y moles each, 142.8-399.6 y moles. The 
rate coefficient immediately after the last 
injection on the third series, at 399.6 y moles 
was not measured. Three ra.te coeffipient 
measurements , taken at times long after the 
last injection are represented at 399.6 y moles 
(see plot annotations) . 
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recorded rate coefficient of each injection series and the 
first rate coefficient of the next series , After oxidation 
in air at 380°C for hours the catalyst activity again 
increased. 

The immediate response to an injection of Gentron 142-B 
is shown in figure 37. In figure 37 data from two injections 
62.4 ymoles each, done at slightly different temperatures^ 
are represented. Concentrations of ethane and methane are 
plotted vs the amount of time after the injection. These 
injections correspond to 14.4-78.6 ymoles and 78.6-142.8 y- 
moles Gentron 142-B injected (figure 36) . Qualitative data 
taken after these injectdons exhibited much the same 
behavior as seen in the hydrogen sulfide and Freon 22 
injections — fast removal of the poison from the gas phase 
and an initial fast apparent catalyst deactivation. However 
they differed in one important aspect, exceeding large 
amounts of methane, > 50 ppm, appeared in the gas phase after 
an injection. Presumably this is from the cracking of the 
Gentron 142-B or from the adsorptive displacement of adsorbed 
methane by Gentron 142-B. 

After the catalyst had been oxidized at 380 °C in air 
for ~ 8 hours, subsequent to the Gentron 142-B experiments, 
some data was taken at various catalyst temperatures . This 
data is shown in figure 33 plotted in the Arrhenius form 
along with the previously mentioned data taken before the 
catalyst poisoning experiments. The slope of the line drawn 
through this data (triangles) yields a value of 21 kcal/mole. 
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the pre-exponential extrapolated with 27 kcal/inole from 

11 3 

251. 7®G is 1.7 X 10 cm (sec*g) . This corresponds to a 
59% loss in activity due to the Freon poisoning*. 


*After these experiments the catalyst was again oxygen 
treated at high temperature and the diethyl ketone kinetics 
were measured. Subsequently, the catalyst was removed, and 
the preliminary sulfur experiments were done (see Appendix 
6,8). Later the catalyst was reloaded for the hydrogen 
sulfide poisoning experiments. Data taken prior to the 
hydrogen sulfide poisoning experiments gave a p re- exponential 
11 3 

of 8.6 X 10 cm (sec*g) , almost double the value of the 
pre-exponential measured prior to the Freon poisoning 
experiments. Evidently oxidation treatments after the last 
one mentioned here resulted in full restoration of the 
catalytic activity. 
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Appendix 8 . 

Oxidation and removal of ethane and hydrogen sulfide by the 
catalyst support . 

Ethane removal . 

Ethane removal was investigated over the temperature 
range 423-513®C using 1.11 gram of the catalyst support, 

1/8 inch y ^^2^3 With the gas chromatograph 

operating procedure used during these runs it was not 
possible to detect methane. 

Data from an experiment to determine the reaction order 
is represented in figure 38 where the ^ 0 ^ 2.0 of 

the reaction rate and ethane reactor concentration are 
plotted. In this experimental run the reactor temperature 
varied (497 . 7-508 . 7®C) . The reaction rates are corrected 
to 502°C in figure 38 using an E_ of 25 kcal/mole. The 

a 

closest integral reaction order the data fits is first order. 

The Arrhenius plot of the first order rate coefficients, 
423-513®C, is given in figure 39. Two lines can be fitted 
to the data. The corresponding calculated and 

pre-exponentials are: 45 kcal/mole and a pre-exponential, 

13 3 7 

k , of 9.0 X 10 cm /(sec*g) or k of 7.5 x 10 om/sec 

W 5 

2 

assuming an active surface area of 120 m /g; and 20 kcal/mole 

6 3 

with a pre-exponential of 3.0 x 10' cm /(sec*g) or 2.5 cm/sec 

2 

assuming an active surface area of 120 m /g. 
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Hydrogen sulfide oxidation . 

Oxidation of a hydrogen sulfide injection/ 15.1 ymoles, 
is represented in figure 40. Plotted in figure 40 are the 
hydrogen sulfide and sulfur dioxide concentrations vs the 
amount of time after the hydrogen sulfide injection. The 
data represented in this plot is actually a composite of 
data taken after 5 hydrogen sulfide injections each at the 
same residence time/ 2.81 minutes / and reactor temperature/ 

~ 211®c, It was necessary to construct the plot with 5 sets 
of data because the hydrogen sulfide was removed from the 
gas phase very quickly and only one gas chromatograph sample 
could be taken after each injection that contained a 
measureable amount of hydrogen sulfide. 

The important result of this experiment is that hydrogen 
sulfide injection is oxidized very quickly? much less than 
one residence time is required for its complete removal. 
Oxidation of hydrogen sulfide by y ^^2^3 previously 
been reported (23) . It should be mentioned here that the 
sulfur detector satvirates at roughly 14 ppm/ concentrations 
in figure 40 above this level may be high by a factor of 


2-2.5 



Figure 40 Oxidation of a 15.1 y mole hydrogen sulfide 
injection over 1.11 grams of the y - M 2®3 

support. Reaction temperature was 211. 0-212 . 2“C, 
residence time was 2.81 minutes. Steady state 
input of hydrogen sulfide in air was 1,2 ppm. 
Symbols: sulfur dioxide; hydrogen sulfide. 









Appendix 9_, 

Diffusion Limitations 


The symbols and pellet dimensions* used in the diffusion 
calculations are: 


average pellet radius 

R, equivalent active pellet radius 

S , surface area 

p , pellet density 

ir 

0, porosity 

Dgff, effective diffusivity of the pellet 
T|/ effectiveness factor 


0.19 cm 
0.15 cm 
120 m^/g 
0.51 g/cm^ 
0.85 

2 

0.11 cm /sec 


intrinsic catalytic first order rate coefficient , 

3 

cm /(sec»g) 

0 / Thiele diffusion modulus for a spherical catalyst pellet 

©Lf h^ Thiele diffusion modulus for a spherical catalyst 
pellet 


The Thiele diffusion modulus for a sphere/ first order 
reaction is 0^ = (28) . In terms of the 

experimental data reported in this work 0^ = R\/Pp * ^^/^ef f * 

For isothermal pellets the Thiele model predicts no diffusion 
limitations when ^ Calculations showing the pellets 


*The surface area, 3/ used in these calculations is that 
measured on the first catalyst load in this work. Other 
reported physical dimensions are those of the unimpregnated 
YAI 2 O 2 catalyst base as measured by Masaharu KOmiyama/ a 

graduate student working in this laboratory . 


to be effectively isothermal under the steady state 
conditions used in this work are presented in another 
appendix. 


Two quantities, R and must be approximated to 

calculate the diffusion modulus. The assumptions in their 
calculation are presented below. 

(1) effective pellet radius, R. 

Because the center of the pellet is not impregnated the 
active pellet geometry is a spherical shell. To compensate 
for this the length used in the definition of 0_ or 0 /3 

Xj S 

since 0^ = 3 0^^ should be the ratio of the volume of the 
shape to the surface are through which reactants flow into 
the volume. Aris (29) has shown that the maximum error in 
this approximation for a spehre vs a flat plate is at 
0j^ s« 1, here n(flat plate) exceeds ri (sphere) by only 0.09. 
This definition translates to an equivalent spherical pellet 
radius equal to the actual pellet radius times the ratio of 
impregnated alumina to bulk alumina. 

(2) calculation of the effective diffusivity, 

The effective diffusivity of the pellet is given by the 
equation, = D 0/i . The tortuosity factor, t, is assmed 

to have value of 1.0. In the calculation of D, the diffusion 
coefficient, it turns out that assuming either extreme 
Knudsen or bulk diffusion does not result in a large error 
because of the large catalyst pores. Using the Chapman 
Enskog equation (22) the effective bulk diffusion coefficient 
is estimated to be 0.13 cm /sec at 260 ®C. Equating the 



pellet diffusion process to Knudsen diffusion in a cylinder 
and using a mean pore radius given by the equation/ 


r = 20/Spp/ the effective Knudsen diffusion coefficient is 

2 

calculated to be 0.096 cm /sec at 260°C. 

Given the criterion that 0 • < 1 for insignificant 

diffusion limitations the equivalent rule for the Arrhenius 

2 

plot is In _< In pp) . Assuming an average 

2 

of 0.11 cm /sec the predicted intrinsic diffusion limitations 
are at the Arrhenius coordinate of In k, =2.26. The 

l‘T 

linearity of the Arrhenius plot of the first catalyst load 
and the nonlinearity of the Arrhenius plot of the second 
load suggests this prediction is somewhere between the two 
cases observed. 

Correlations of the effectiveness factor of the Thiele 
model by Weisz (30) afford a simple calculation of the 
deviation of the apparent E . Assuming the predicted value 
of 0 = 1 at In k =2.26 the apparent E, at 310 “C is 

'\i20 kcal/mole. Although there is some scatter in the data 
neither the slope of the Arrhenius line nor the predicted 
value of the apparent rate coefficient apparent = 

(k intrinsic) x (0.68) fit the assumption of 0 = 1 at 

In k^ = 2.26. The error is most likely introduced in the 
active pellet radius / the catalytically active metal 
distribution in the pellet is not known/ it is only assumed 
from the visible Pd impregnation. 



Wheeler (25) has shown that with a sufficiently large 
diffusion modulus a small amount of pore mouth poisoning 
results in severe mass transfer limitaitons, accordingly 
intrinsic kinetics will not be observed after the first 
introduction of poison. 

That increased diffusion resistance caused by pore 

mouth poisoning did not affect the reaction rate at 25S"’C 

on the first catalyst load can be seen by the following 

argument. The onset of significant intrinsic diffusion 

limitations is at a diffusion modulus 0„ = 1. The linear 

Arrhenius plot of the first catalyst prior to poisoning 

would put the maximum value of 0 = 1 at the high end of 

the temperature range investigated oj 310°C. Assuming this 

then the maximum value of 0 at 256 ®C can be calculated 

s 

since 0 = 1, 0 then 

“310°C ^ 

S56“c“ - ^/■'256«c' “ ® 

Wheeler's model predicts the fraction of the activity left 
after poisoning Fr is given by 



where h^ is the intrinsic diffusion modulus for a cylinder, 

—2 

h^ = 0g/3 = 3 X 10 r and “ is the fraction of the pore 


surface poisoned. Since for x < 0.3 tanh x « x then for 


small h^ p at (1 -« ) which is the result expected since 
the active surface is uniformly accessible to the reactants 



at low h„. 
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Calculation of the intrinsic activity of the second catalyst 
load is complicated by the nonlinear Arrhenius plot. 

Assuming the Arrhenius plot represents intrinsic mass 
transfer limitations the intrinsic activity can be estimated 
from the onset of the 13-14 kcal/mole phenomena at 
1/T X 10^ = 189“K~^. Weisz (30) has calculated that 
the transition to an apparent E, about 1/2 of the in- 

a. 

trinsic E occurs at about © =20, nss0.14. Knowing the ^ 

ci S 

at the transition temperature allows an estimation of the 

. 12 
assumed intrinsic pre-exponential. It is = 2.3 x 10' 

3 

cm / (sec *g) . 




T 
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Appendix 10 

Reaction Heatina of Catalvst Pellets 

The following symbols are used in the calculations 
below: 

4T max, raaximiim temperature difference between the 

center and outside of a catalyst particle °C. 
heat of reaction, ethane oxidation value 
3.4 X 10^ cal/mole. 

2 

Deff, effective diffusivity Prf 0.11 cm /sec. 

C , ethane concentration at the pellet surface 

-10 3 

30 ppm at 1 atm, 200 “C =7.7 x 10 moles/cm . 

X, effective pellet thermal conductivity 

—3 

K 0.S3 X 10 cal/(sec cm °C) (assumed), 
apparent activation energy for reaction, 

27 X 10^ cal/mole. 

T^/ pellet surface temperature, °K. 

Rr gas constant, 1.987 cal/mole °K, 

S, isothermal criteron[5| < 0.3. 

Damkohler's equation (31) relating the maximum 
temperature difference between the surface and center of a 


catalyst particle is: 


AH Deff C 


AT max = 


Prater (32) has shown this equation applies to any 
kinetics or particle geometry. A maximum temperature 
difference AT max of 0.54°C is predicted by the above 
equation. 
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The pellets are non-isothermal , however Peterson’s 
criterion (26) can be used to show that the non-isothermal 
effects are insignificant. The criterion is that |aj <0.3 
where 6 is defined by; 


6 = 


Ea 

R T^ 


At 200°C, 30 ppm ethane I (5 1 = 0.03. The prediciton is 

that at concentrations below 300 ppm insignificant non- 
isothermal effects will result. 

The concentration transients used in the non-steady 
state reaction order runs on the second catalyst load exceed 
this steady state criterion. In the three runs reported, 
fig, 7, |i5) =0.3 occurs at in (mole fraction) = -S.O to 

-7.7. Thus 80% of the data lies below this value. This 
criterion is applied to the non-steady state! 'Concentration 
runs only to show that the heating effects are small 
throughout <^8 0% of the data. 


Appendix 11 . 


Descrip-bion of Catalyst and Gases 

The catalyst was in the form of spherical, roughly 
1/8 inch in diameter, gamma alumina -pellets, "Purzaust Base,” 
impregnated with pallidium at a concentration of 0.5 wt%. 

The catalyst source was the Universal Oil Products Research 
Laboratory, lot #2787-66, "Uniform Impregnation." 

Pre-inixed hydrocarbon reactant gase.'i were supplied by 
Liquid Carbonic. They were custom gas mixtures prepared with 
20-30 ppm hydrocarbon in zero grade* air. 

The pre-mixed sulfurons gases used in calibrating the 
sulfur dectector, ppm of hydrogen sulfide and sulfide dioxide 
in zero grade nitrogen, were supplied by Matheson Gas. 

The purity and sources of gases used for injections into 
the reactor, for catalyst preparation, and for adsorption 
experiments are given in the table below. 


Zero grade is a specification for low hydrocarbon content, 
usually less than 1.0 ppm of methane equivalent hydrocarbon 
content. 


Gas 


Puri-fcy 


Source 


Ethane 

99.97% 

Phillips Petroleum 
Lot #1197 

Diethyl 

Ketone 

95% 

Practical Grade 

Eastman Kodac 
Lot #711-1B 

Hydrogen 

Sulfide 

99.6% 

C.P. Grade 

Ma the son Gas 

Freon 22 

99.9% 

Ma the son Gas 

Gentron 142B 

98.0% 

Ma the son Gas 

Carbon 

Monoxide 

99.5% 

C.P. Grade 

Matheson Gas 

Hydrogen 

99.9% 

Liquid Carbonic 

Heli-um 

99.995% 

Liquid Carbonic 

Nitrogen 

99.996% 

Liquid Carbonic 


Air 


Breathing Air 
Grade E 


Ohio Medical 
Products 


Symbols and abreviations used: 

FPD = flame photometric dectector 

FID = flame ionization dectector 

AH2S = FPD hydrogen sulfide peak area 

AS02 = FPD sulfur dioxide peak area 

AE = FID ethane reactor effluent peak area • 

AEO = FID ethane reactor feed peak area 

AM =5 FID methane reactor effluent peak area 

AI-IO = FID methane reactor feed peak area 

Atten = gas chromatograph attenuator setting times 
the recorder setting in mV 

Tr — reactor temperature, °C 

T = room temperature, °C 

! f = volumetric flowrate feeding the reactor 

recycle loop, cc/min, 

[dc/dt =0] = amount of time in minutes after the 

poison injection when the data was taken. 

Injection loop volumes, cm^ : #10 = 4. 822; #20 = 0.4856; 

#500 = 10.085. 

The ethane injections mentioned below were injections 
of pure ethane at room temperature. The DEK injectiops 
were injections of air DEK mixtures obtained by slov/ly 
passing air through a DEK bubbler packed with glass beads. 

At equilibrium this procedure should result in approximately 
4 volume % DEK in the injection. 



The gas chromatograph operating parameters used m thxs 
work were similar to those used by Rabb (2) and a detailed 
description is given in his thesis. 

Gas chromatograph peak areas were obtained from a Disc 
Instruments Series 200 disc integrator installed in a 
Hewlett-Packard model 7100-B dual pen strip chart recorder. 
Since only one channel of the recorder was equipped with an 
integrator when simultaneous FID and FPD peaks were recorded 
a plain mater was used on the FPD peaks. 
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Figures 3 and 4 (contJ-nued) 
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Figure 5 (continued) 
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Figure 6 
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Figure 6 (continued) 
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Figure 7 
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Figure 7 

261°C run (continued) 
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Figure 9 
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Figure 10 
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Figure 11 
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Figure 11 (continued) 
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Ficfure 12 


Pour H 2 S injections, 59.0 y moles each 
113-349 umoles on figure 11. 

30 ppm ethane feed no methane feed 


ethane FID calibration 


sulfur 

FPD calibration 

Time 
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I Tr f 


23l6 254.3 125.0 


Tv70 integrators were used for the FPD (sulfur) peaks on this 
run , a disc integrator and a plainraeter . The FPD peak areas 
are recorded to the first decimal point whereas disc 
integrator areas are recorded to the second decimal point. 
The ratio of the relative areas for this experimental run is 
disc/plainmeter = 1.1625. 
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Figure 12 (contdLnued) 
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Figure 12 (continued) 
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Figure 12 (continued) 
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Figure 12 (continued) 
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Figure 13 

1 H 2 S injection, 184.1 ymoles 

349-533 ymoles on figure 11. 

30 ppm ethane feed, no methane feed 
ethane FID calibration 30 ppm = 8.16 

sulfur PPD calibration 3.0 ppm SO 2 = 6.87 at atten of 32 


'irae 

lin. 


AH^S 

ASO 2 

' atten ^ 

AE 

AM 


0. 

0 




4 

.32 

0.1- 

a 

0. 

76 

11.28 

15.58 

2048 





2. 

67 




4 

.86 

0.: 

13 

5. 

10 


41.62 

1024 





5. 

50 




6 

.56 

0 .; 

LO 

10. 

12 


33.13 

1024 

7 

.75 

0-1 

34 

14- 

46 


68.36 

512 

7 

.84 

0.1 

32 

16. 

79 




8 

.01 

0-1 

32 

19. 

30 


28.37 

1024 





21- 

84 




8 

.06 

0.1 

31 

23. 

86 


24.99 

1024 

8 

.10 


1 

25. 

92 




8 

.02 



28. 

50 


18.72 

1024 

8 

.05 



30. 

68 




8 

.08 



33. 

02 


18.95 

512 

7 

.86 



35. 

11 




7 

.92 



37. 

42 


6.05 

512 

7 

.73 



40. 

95 


12.64 

128 

7 

.51 



45. 

44 


13.28 

64 

7 

.50 



50. 

39 


16.10 

32 

6 

.99 

\ 

r 

54. 

57 


20.80 

16 

6 

.70 

0. 

02 

58. 

58 


13.98 

16 

6 

.36 



62. 

90 


17.56 

8 

6 

.31 



67. 

07 


10.68 

8 

6 

.08 



71- 

29 


12.85 

4 

5 

.89 



75. 

70 


15.03 

2 

5 

.83 



80. 

21 


17.69 

1 

5 

.66 


r 


T Tr f 

24.0 254.2 126.1 


Time 

min. 


AE AM 


T Tr 


f 


re 13 (continued) 


AH2S ASO2 ' 


. FPD 
atten 


). 


84.65 



1 

5.59 

0.03 

88.97 

22.85 

0. 

32 

5.51 

0.02 

93.29 

15.4 0 



5.42 

0.03 

97.53 

11.32 



5.33 



102.27 

7.60 



5.27 


. 

106.76 

5.93 



5.21 



111.30 

4 .43 



5.23 



119.91 

2.79 



5.23 



124.14 

2.18 



5.21 



128.36 

1.62 



5.12 



132.83 

1.89 



5.10 



137.48 

1.30 



5.14 



141.89 

0.95 



5.18 

\ 

r 

145.95 

0.90 



5.12 

0. 

.04 

150.73 

0.85 


1 

5.12 

0. 

.03 

160.29 

0.49 



5.00 

0. 

.02 

164.67 

0.06 



4.99 

0.03 

170.77 

0.04 



5.04 



175.59 

0.35 



4.98 



180.09 

0.35 

N 

r 

(lost) ' 


237.0 Inject 

184.1 ]i moles 

(last 

injection on 

545.0 




4.83 

0. 

.04 


catalyst load) 
4 254.4 126.1 


At 545.0 minutes PID calibration was: 30 ppm = 8.29 



gjgure 14 
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assumed CO-Pd surface area calibration 3.1m /cm (STP) 



Figure 15 

PPD sulfur dioxide calibration 
3.0 ppm = 7.86 at attenuation of 32 
heating schedule 0.11 ° C/sec. 
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Figure 16 


PPD sulfur dioxide calibration 


3.0 ppm = 

: 10.13 at 

attenuation 

of 

16 

Air flow 

sweeping 

catalyst bed. 

0 

.75 

1 cm' 

Time 

Min. 

Tr 

ASO 2 


atten 

1.57 

200 

0 




3.68 

281 

0.38 


0. 

32 

5.67 

349 

2.26 


1 

f 

7.65 

409 

2.17 




9.65 

458 

7.06 




11.85 

474 

7.36 


> 


13.70 

526 

4.91 

16 


15.96 

548 

8.15 

32 


18 .13 

567 

5.64 

64 


20.50 

582 

7.67 

64 


23.03 

592 

4.52 

1 ; 

28 


25.26 

599 

5.00 




27.57 

603 

5.06 




30.39 

611 

4.93 




34.18 

614 

4.5 8 




38.56 

618 

4.19 




42.49 

618 

3.84 




47.77 

620 

3.47 




52.77 

620 

2.95 




58.44 

621 

■ 2.67 







159 


I : : : A . A 


J 


Figure 16 (continued ) 
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Figure 17 

Data for the initial rate coefficients (steady state) 
measured along with the unsteady state 
reaction order rions . 
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Figure 17 (continued) 
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Figure 18 

H^S AE AEO AM Tr T f dc/dt Procedures 

II moles = 0 and Comments 

Second catalyst load 1.66 grams 
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Figure 19 

1 H 2 S injection, 1326 ]x moles, 
427.4-1753.4 li moles on figure 18. 

30 ppm ethane feed, no methane feed 
ethane FID calibration 30 ppm = 8,11 


sulfur FPD calibration 3.0 ppm 
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Figure 

19 (continued) 
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Figure 20 

30 ppm ethane feed, no methane feed 
ethane FID calibration 3*^ ppm = 8.05 
sulfur FPD calibration 3.0 ppm SO^ = 
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Figure 20 (continued) 
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Figure 20 (continued) 
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